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SUMMARY 
 
The selective, liquid phase oxidation of p-cymene is an important synthetic route for the 
production of p-cresol via the tertiary cymene hydroperoxide (TCHP). The industrial-scale 
oxidation process is characterised by slow oxidation rates due to limitations in the mass 
transfer of oxidant (gaseous oxygen) into the liquid phase. However, like all other 
autoxidation reactions, the oxidation reaction is exothermic, following the typical free radical 
autoxidation reaction mechanism, which implies that careful temperature control is critical in 
order to prevent the further reaction of the initially formed hydroperoxide species. In the 
presence of metal catalysts, the limiting oxidation rate is the transfer of oxygen from the gas 
to liquid boundary interface. As a result, low product yields and poor productivity space-time 
yield are typically experienced. At high substrate conversions, by-products resulting from the 
decomposition of the formed hydroperoxides predominate. For this reason, the conversion 
of substrate is restricted to preserve the TCHP selectivity. The slow rates in industrial-scale 
p-cymene oxidations results in long oxidation times, typically 8-12 h. Substrate conversions 
are typically between 15-20%, and the TCHP selectivity ranges between 65-70%. 
 
The work described in this thesis concerns the oxidation of p-cymene in a micro-
structured falling film reactor (FFMSR). These reactor systems facilitate chemical reactors 
to have high mass and heat transfer rates because of high surface area-to-volume ratios. 
Due to their small internal volumes, these reactors are inherently safe to operate. These 
properties were exploited to improve the p-cymene oxidation rate and, consequently, the 
space-time yield.  
 
In order to evaluate the suitability of vanadium phosphate oxide (VPO) catalysts for use as 
supported catalyst in the FFMSR, different catalysts prepared from VOHPO4∙0.5H2O and 
VO(H2PO4)2 precursors was first evaluated for the oxidation of p-cymene in a well-stirred 
batch reactor. The results of the two activated catalysts, (VO)2P2O7 and VO(PO3)2 when 
used as powders in their pure form, showed a significant improvement in p-cymene 
oxidation rates with conversions up to 40% in 3-4 h reaction time with a TCHP selectivity of 
75-80%. The (VO)2P2O7 catalyst showed better oxidation rates and selectivity when 
compared to the VO(PO3)2 catalyst obtained from the VO(H2PO4)2 precursor. The 
(VO)2P2O7 catalyst was supported on a stainless steel plate and the coated plate used to 
study the long-term stability and catalytic perfornance of the catalyst during p-cymene 
oxidations in a batch reactor. Comparable oxidation rates and TCHP selectivity were 
obtained with the stainless steel coated VPO catalyst when compared to the “free powder” 
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(VO)2P2O7 catalyst. The results also showed that the stainless steel coated catalyst 
displays a slow, yet significant deactivation over extended reaction periods (250 h on-
stream). Characterization of the exposed (VO)2P2O7 catalyst to p-cymene oxidation 
conditions by powder XRD, SEM and TGA-MS showed that (VO)2P2O7 phase undergoes 
structural transformation back to VOHPO4∙0.5H2O phase over time.   
 
The (VO)2P2O7/-Al2O3 catalyst was used to coat the micro-channel reaction plates of the 
FFMSR. Both uncoated and coated micro-channel reaction plates were evaluated in the 
FFMSR for the oxidation of p-cymene. The FFMSR showed effective improvement of 
oxidation rates in terms of productivity space-time-yield at comparable batch p-cymene 
conversions. A Typical 10% conversion in catalysed batch oxidations at 1-2 h reaction time 
was achieved in few seconds (19 s) reaction time in FFMSR. The comparison of uncoated 
(i.e. uncatalysed) and coated (i.e. catalysed) FFMSR oxidations showed slight differences in 
oxidation rates. No clear explanation could be established with the present results for the 
observed same behaviour. However, the insufficient contact time between the gas and 
liquid reactants with the wall-coated solid catalyst is one of the possible causes for the 
observed behaviour of the coated and uncoated micro-channel plates. A simple developed 
kinetic model was used to confirm the obtained batch oxidation results using cumene as 
probe compound due to its similarity to p-cumene oxidation and extensive studied kinetics. 
With the estimated K values and available rate constants from literature, it was possible to 
predict the conversions in a batch reactor at the same typical micro-structured reactor 
residence time (i.e. of 19 s). The predicted conversions in the batch reactor were less than 
0.1% even at harsh conditions such as 170 oC when compared to about 10% achieved in 
the micro-structured reactor at the same reaction temperature, reactants concentration and 
reaction time of 19 s. This difference in the reactor systems performance indicates the 
unique advantages offered by micro-structured reactors (e.g. improved mass transfer, 
temperature management and high surface-to-volume ratios) to perform typical gas/liquid 
mass transfer limited reactions such as cumene and p-cymene autoxidations. 
 
Keywords:  micro-structured reactor, vanadium phosphate, stainless steel, p-cymene,      
 liquid-phase oxidation, tertiary cymene hydroperoxide and batch reactor 
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CHAPTER 1 
 
General Introduction 
 
 
 
 
1.1 Background to the research 
  
The work described in this thesis forms part of a major research and development project 
within InnoVenton: NMMU Institute of Chemical Technology involving the development of 
alternative chemical technologies in so-called “Small Production Platforms” (SPP’s). In 
particular, this project deals with the evaluation of the catalytic, liquid-phase oxidation of p-
cymene in a micro-structured falling film reactor in a continuation of a previous project that 
considered the production of p-cresol from cymene via cymene hydroperoxide.1 The cresols 
together with the corresponding phenols and xylenol compounds are presently isolated from 
the Sasol coal gasification process from coal tar.2 Now that Sasol has switched from coal to 
natural gas as feedstock for conversion of liquid chemical products such as petrol, jet-fuel, 
diesel and chemicals, the growth of the production of cresols, phenols and xylenols from 
coal tars is no longer an option. As a result, there is a need for new synthetic routes for the 
production of these compounds. 
 
These considerations led to the investigation of the catalytic, liquid-phase air oxidation of p-
cymene with the view to investigating the use of a catalyst to promote the selective 
formation of the tertiary cymene hydroperoxide (TCHP). In an initial study,1 carried out in a 
well-stirred batch reactor, it was shown that the use of vanadium pyrophosphate as catalyst 
for the oxidation reaction results in a significantly improved selectivity to the desired tertiary 
hydroperoxide in comparison to oxidations carried out in the absence of catalyst.  
 
In view of the promising results obtained during the initial study of the catalytic cymene 
oxidation process, it was of interest to investigate the process further in order to evaluate 
the potential of performing the said oxidation under continuous-flow conditions, and in 
particular in a reactor system capable of maximizing mass transfer in the essentially three-
phase chemical reaction system. The rest of this introductory chapter will give a brief 
overview of the production and uses of cresols, hydrocarbon oxidations (particularly the 
oxidation of cymene), the vanadium phosphate catalyst, and micro-structured reactor 
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technologies. A statement of the research hypothesis and the specific objectives for this 
research conclude this chapter. 
 
1.2 Overview of cresols 
 
Cresols are members of the phenol group, which contain one methyl group attached to the 
aromatic ring in addition to the hydroxyl group. There are three cresol isomers: ortho-cresol, 
meta-cresol, and para-cresol, with the methyl groups in the 2-, 3-, and 4-positions, 
respectively. Their corresponding structures are shown in Scheme 1. The pure cresols are 
colourless and have a tarry odour. Cresols are highly corrosive, and mixtures of the three 
isomers have been used as disinfectant agents. 
 
CH3
OH
CH3
OH
CH3
OH
o-Cresol m-Cresol p-Cresol  
 
Scheme 1: Isomers of cresol compounds 
 
1.2.1 Uses of cresols 
 
Cresols are valuable intermediates for a wide variety of products, including 
pharmaceuticals, agrochemicals, antioxidants, flavour and fragrance products, components 
in plastics and lubricating oils, etc.3 To give a few specific examples, p-cresol is used for 
producing BHT (2,6-di-tert-butyl-4-hydroxytoluene) which is an important, large volume 
antioxidant.4 Guaiacol (o-methoxyphenol) and p-methoxyphenol find extensive application in 
pharmaceuticals, synthetic perfumes, antioxidants, and polymerization inhibitors.  
 
For agricultural purposes, o-cresol is used in the production of 4-chloro-2-cresol, which is 
in turn used to manufacture phenoxyacetic acid- and phenoxy propionic acid based-
herbicides.5 On the other hand, m-cresol is converted to m-phenoxytoluene, which is 
oxidized to m-phenoxybenzyl alcohol for application in the production of pyrethroid 
insecticides. m-Cresol is also used to produce 6-t-butyl-3-cresol (TBMC), an intermediate 
in the manufacturing of hindered phenolic antioxidants.  
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In the flavour and fragrance industry, o-cresol is used to produce the flavourant coumarin, 
while p-cresol is used as an intermediate to make p-methylanisole (p-cresol methyl ether), 
which in turn is used for the production p-anisaldehyde. There are numerous other 
applications of cresols in the chemical industry. A detailed overview was given by Fiege.3  
 
1.2.2 Production of cresols 
 
Phenol, cresols and xylenols can be obtained from three main sources namely coal tar, 
natural sources, and synthetically produced products. Of the three main sources, coal tar 
accounts for most of the world’s production of phenols, xylenols and cresols through the 
process of coal gasification.5 Due to stringent environmental regulations, chemically 
synthesized cresols, xylenols and phenols from various starting materials have received 
significant attention.6-10 Table 1.1 summarizes some of the common synthetic methods for 
the production of phenol, cresols, and xylenols. 
 
Table 1.1:  Synthetic routes for the production of phenol, cresols and xylenols 
 
 
 
 
 
Process Catalysts 3-9 Main Product 
Alkylation of phenol 
MgO, FeV/SiO2,  
SiO2–Al2O3 and zeolites HBEA, 
HZSM5 and HMCM22 
o-Cresol, 2,6-xylenol and trace 
amounts of 2,4,6-
trimethylphenol 
Hydroxylation of 
toluene 
H4PMo11VO40·31H2O and Pd/C 
HY zeolites with higher Si/Al 
Mixture of cresols 
Toluene sulfonation H2SO4 p-Cresol 
Toluene 
chlorination/hydrolysis 
N/A Mixture of cresols 
Cleavage of cymene 
hydroperoxide 
N/A 60% m-cresol and 40% p-cresol 
Dimethylation of 
isophorane 
Cobalt-molybdenum supported 
on Al2O3 
80% 3,5-xylenol, 
m-cresol, 2,4- and 2,5-xylenol, 
and 2,4,6-trimethylphenol) 
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1.2.2.1  Cresols from coal tar 
 
Cresols from coal tar are obtained during the production of metallurgical coke by the coking 
of bituminous coal between 900 and 1300 ºC.5,11 The crude coal tar is distilled into four 
types of oil, namely light oil, middle oil, heavy oil (creosote oil), and pitch. Cresylic acid is 
primarily present in the light and middle oil fractions. Washing of these fractions with caustic 
soda solution removes the sodium cresylates, from which undesirable components can be 
removed by steam distillation. Stripping of the cresylate with carbon dioxide-rich gas 
(“springing”), followed by decanting of the liberated cresylic acid, allows recovery of the 
phenolic compounds. The crude cresylic acid can then be fractionated into various isomers 
or mixtures of isomers.3,11 Cresylic acid recovered from coal tar contains typically 45% 
phenol, 35% cresols, 15% xylenols, and 5% other phenolic homologues.5 The largest 
source of coal-tar derived cresols and xylenols has been Sasol with 35,000 - 55,000 t/a.2  
 
1.2.2.2 Cresols from refinery caustics 
 
Cresols and xylenols can be recovered from spent refinery caustics produced in catalytic 
and thermal cracking processes in the petrochemical industry. This method of cresol 
isolation is mostly practiced in the United States. The phenolic compounds are extracted 
during the removal of sulphur compounds contained in these fractions by scrubbing with 
concentrated alkaline solutions. The phenols are then precipitated from the alkaline phase 
in a packed column with a counter current stream of carbon dioxide, and decanted. The 
phenols still present in the carbonate/hydrogen carbonate phase are extracted with an 
organic solvent, and then again extracted into the alkaline aqueous phase, which is then 
returned to the column. A typical composition of the phenol mixture obtained in this way is 
approximately 20% phenol, 18% o-cresol, 22% m-cresol, 9% p-cresol, 28% xylenols and 
3% higher phenols. The mixture is then separated by distillation into phenols, o-cresol, a m-
/p-cresol mixture and the xylenols.3  
 
1.2.2.3 Methylation of phenol  
 
Gas-phase or liquid-phase alkylation of phenol with methanol in the presence of a metal 
catalyst affords a mixture of cresols and 2,6-, 2,4-, and 2,5-xylenols.3,6-8 In most cases, basic 
catalysts such as MgO or FeV/SiO2 and also amphoteric Al2O3 are used at low 
temperatures to produce o-cresol/2,6–xylenol mixtures. Most of the available 2,6-xylenol is 
produced during the phenol methylation process. The methylation of phenol over acid 
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catalysts such as SiO2/Al2O3 and acid zeolites at high temperature give mainly m-cresol with 
small amounts of o-, and p-cresol, and 2,6-, 2,4- and 2,5-xylenols.3,6,7 
 
1.2.2.4 Sulfonation of toluene 
 
p-Cresol can be produced commercially via sulfonation of toluene with sulphuric acid in a 
four-step process. These steps include toluene sulfonation, followed by neutralization, 
sodium hydroxide fusion, and hydrolysis to afford mainly p-cresol. This process suffers 
several drawbacks, including severe corrosion problems and disposal of significant amounts 
of sodium sulphate solutions formed as by-product.12 A typical isomer distribution of 80 - 
85% p-cresol, 6 - 12% o-cresol, and 6-12% m-cresol is obtained with the toluene sulfonation 
process. Milder reaction conditions can reduce the m-cresol content, while o-cresol is easily 
separated by distillation. Generally, p-cresol of up to 90% purity can be produced in this 
manner. 
 
1.2.2.5 Chlorination of toluene 
 
A mixture of cresol isomers can be obtained by the chlorination of toluene and subsequent 
hydrolysis in the presence of sodium hydroxide at elevated temperature and pressure. This 
process results in larger amounts of by-products compared to the previous processes, 
including compounds such as dimeric and polymeric ethers, small amounts of toluene, 
phenol, benzoic acid, and methane and hydrogen gas. Yields typically are not higher than 
70%. The resulting cresol mixture usually contains 60% m-cresol, the rest being p- and o-
cresol in an approximate 1:1 ratio.  
 
1.2.2.6 Cleavage of cymene hydroperoxide 
 
The cleavage process of cymene hydroperoxide is analogous to the Hock process for the 
production of phenol and acetone from cumene. The cymene hydroperoxide is obtained 
from the oxidation of cymene, which is produced through Friedel-Crafts propylation of 
benzene. This process allows for the production of m- or p-cresol, or a mixture of the two 
from the corresponding individual cymene isomers, or mixtures thereof. The method is not 
suitable for the production of o-cresol because o-cymene can hardly be oxidized to cymene 
hydroperoxide. The presence of the o-isomer during the oxidation of m- and p-cymene 
strongly inhibits the oxidation process.3  
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1.2.2.7 Natural cresols 
 
Natural cresol sources provide mainly o-cresol, and mixtures of m- and p-cresol. These 
mixtures can be separated by indirect methods to give the two isomers. The main source of 
naturally produced cresols is plant materials, especially essential oils. For example, m-
cresol was successfully isolated from Valsa Friesii.10 The main disadvantages of the 
naturally produced cresols include the complexity involved in isolating them, and the fact 
that yields are usually too low for commercial scale. 
 
1.3 Mechanistic aspects of hydrocarbon oxidations 
 
Oxidation using molecular oxygen or air is an important industrial process technology to 
convert hydrocarbons into valuable oxygenated compounds. The reactivity and selectivity of 
the reaction between the dioxygen molecule with hydrocarbons in autoxidation and metal-
catalyzed oxidations have been studied extensively for both gas and liquid-phase oxidation 
reactions.13-15 The free-radical chain theory is generally accepted for the interpretation of 
hydrocarbon oxidation processes. According to this theory, oxidation proceeds via free-
radical intermediates, and elementary steps of chain initiation, chain propagation, and chain 
termination characterize the overall process.13 The primary oxidation products, namely 
hydroperoxides, are unstable with respect to the formation of free radicals, e.g., through 
thermolysis, giving rise to additional chain-branching reactions. In most cases where 
oxidations are performed at elevated temperatures, the chain branching mechanism rapidly 
overtakes the primary chain initiation mechanisms in the generation of free radicals. As a 
result, the chain branching reactions have been shown to be the cause of many side 
reactions in hydrocarbon oxidations.13,15 
 
Thermodynamically, the autoxidation of hydrocarbons containing carbon and hydrogen to 
the stable end products carbon dioxide (CO2) and water (H2O), is very favourable. However, 
spontaneous oxidation is generally unfavourable at normal STP conditions due to the high 
activation energies required to initiate autoxidations.13 These oxidation reactions are 
therefore kinetically unfavourable for most compounds. The primary products of liquid-
phase oxidations are alkyl hydroperoxides, which in some cases can be isolated in high 
yield. A typical example is the oxidation of cumene to cumene hydroperoxide for the 
production of phenol and acetone.16 Gas-phase oxidations, in contrast, generally afford 
carbonyl compounds and/or dehydrogenation products. The difference between liquid- and 
gas-phase oxidations is not due to changes in the fundamental free-radical mechanism, but 
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rather the availability of the different pathways for further reactions of the alkylperoxy 
radicals under gas-phase conditions. This include, inter alia, substrate concentration 
differences and dioxygen concentration differences (e.g., the significant gradient between 
the gas-liquid interface and the bulk solution as opposed to the small difference in gas-
phase oxidations).13  
 
1.3.1 Autoxidation mechanism 
 
The liquid-phase oxidation of organic substrates with dioxygen is known as autoxidation 
reactions because they are subjected to autocatalysis by the initial products of oxidation. 
The autoxidation process is assumed to proceed via a free radical chain mechanism where 
the reaction may be initiated either by the hydrocarbon itself, or by deliberately added 
initiator substances as discussed now. 
 
1.3.1.1 Chain initiation 
 
The direct initiation of hydrocarbon oxidation through the reaction of an active C-H bond 
with dioxygen may be shown as follows: 
 
 2HO  R2O    RH   [1.1] 
 
2O2H2R 2O2RH 
   [1.2] 
 
In the presence of an initiator, initial free radical formation occurs via the thermolytic or 
photolytic decomposition of the initiator: 
 
 I      I   [1.3] 
 
 R   IHI    RH   [1.4] 
 
When no initiator is used, the direct generation of free radicals from the hydrocarbon is 
normally endothermic and quite slow due to the high activation energy required to break the 
C-H bond. Therefore, long induction periods are often observed in oxidations without added 
initiators. Sheldon and Kochi13 have argued that initiation directly from the hydrocarbon is 
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kinetically and thermodynamically unfavourable and that initiation in the absence of the 
added initiator is due to the decomposition of peroxidic impurities present in the substrate.  
 
In the presence of an initiator like a hydroperoxide, which easily undergoes homolysis, short 
induction periods are observed. The addition of small amounts of initiator improves 
oxidation rates. Evidently, for any particular abstracting species, under a particular set of 
conditions, the ease with which reactions [1.1] and/or [1.4] occurs depends on the strength 
of the carbon-hydrogen bond. Strengths of carbon-hydrogen bonds vary considerably 
depending on the overall structure of the substrate. Initiation can also be facilitated by the 
participation of a metal catalyst.  
 
1.3.1.2 Chain propagation 
 
Chain propagation during autoxidation reactions proceeds according to the following two 
generalized chemical reactions: 
 
  2RO  2OR  [1.5] 
 
  R    ROOH   RH   2RO  [1.6] 
 
At sufficient dioxygen concentrations, typically at partial pressures greater than about 0.13 
bar, reaction [1.5] is usually faster than reaction [1.6] so that the R  radicals are effectively 
scavenged by dioxygen. Under such conditions, the overall reaction shows a zero–order 
dependence on oxygen. Reaction [1.6] is the link between chain initiation and propagation. 
The chains are said to be long when the number of occurrences of reaction [1.6] per 
initiation event is large. Kinetic chain length, which represents the average number of links 
per chain, can be calculated as the ratio of the rate of the propagation step to the rate of the 
initiation step, with the assumption that each initiation event starts one reaction chain.  
 
When the oxidation chains are long, hydrocarbon consumption occurs essentially by 
reaction [1.6] and the kinetic chain length can be related to the rate of formation of 
hydroperoxide. The rate of reaction [1.6] depends on the nature of the hydrocarbon and also 
the nature of the radical that is formed. The peroxy radicals are relatively stable and abstract 
preferentially only the most weakly bound hydrogen atoms. Thus, the rate of attack of 
hydroperoxy radicals on C-H bonds decreases in the order of tertiary C-H > secondary C-H 
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> primary C-H.  Similarly, the reactivity of the alkylperoxy radical strongly depends on its 
structure (by steric hindrance) and the nature of the oxidation reaction medium.     
 
1.3.1.3 Chain termination 
 
 RRRR   [1.7] 
 
 R2RO2ROR 
  [1.8] 
 
 products radicalnon2OR4RO2RO2RO 
  [1.9] 
 
As in all free-radical chain reactions, the number of times reactions [1.5] and [1.6] occur in 
any particular chain, i.e. the chain length, is limited by the occurrence of termination 
reactions in which free radicals are consumed. If the oxidation reaction [1.5] is carried out in 
the presence of an excess of oxygen, the reaction of hydrocarbon radicals with oxygen is 
very rapid and consequently the concentration of hydrocarbon radicals is very low. Under 
such conditions, reactions [1.7] and [1.8] are considered as being negligible as termination 
reactions, compared with reaction [1.9]. If reactions [1.4], [1.5], [1.6] and [1.9] were the only 
reactions occurring in the system, the products obtained would be hydroperoxide from 
reaction [1.6] and peroxide from reaction [1.9]. The relative amounts of these products 
would depend on the chain length of the reaction, i.e. the number of cycles of reactions [1.5] 
and [1.6], which occur before termination of the chain, and as most industrially important 
oxidations have high chain lengths, the main product would be expected to be 
hydroperoxide.14,17 
 
The tetroxide formed in reaction [1.9] undergoes decomposition in a manner that depends 
on its structure. Thus, the tetroxide derived from the secondary and primary alkylperoxy 
radicals decomposes by dispropotionation to the corresponding alcohol and carbonyl 
compounds.13-15 When kinetic chain lengths are long, most of the observed alcohols and 
ketones in the reaction mixture are derived from the decomposition of the initially formed 
hydroperoxide. 
 
The mechanism of autoxidation becomes more complicated at high hydrocarbon 
conversions and at elevated temperatures, the reason being the thermal decomposition of 
alkyl hydroperoxides to easily oxidizable secondary products such as alcohols, aldehyde 
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and ketones. As a result, selective hydrocarbon oxidation is therefore often carried out at 
low conversions and under mild conditions with recycling of unreacted hydrocarbon.    
 
1.3.1.4 Chain branching 
 
In liquid-phase oxidation reactions, chain branching reactions of the type [1.10] to [1.12] are 
the main source of free radicals, except in the early stage of the autoxidation reaction. Chain 
branching reactions lead to complications such as autocatalysis, progressive decrease of 
the kinetic chain length with conversion, and a multiplicity of secondary oxidation products.14  
 
The decomposition of the initially formed hydroperoxide into radical species is a complex 
process. However, three different mechanisms have been identified as the main process 
steps in the breakdown of the hydroperoxides to free radical species:17 
(1) Unimolecular homolysis with O-O bond breakage, 
 
OH    ROROOH    [1.10] 
 
(2) A bimolecular interaction of a hydroperoxide with the original hydrocarbon molecule, 
 
O2H    R  RO   RH    ROOH 
   [1.11] 
 
(3) A bimolecular interaction involving the reaction between the two hydroperoxides. 
 
O2H    2RO  RO   2ROOH 

   [1.12] 
 
Reaction [1.10] represents the homolytic dissociation of the relatively weak O-O bond in a 
hydroperoxide, often deliberately added in small quantities to initiate the oxidation reaction. 
Table 1.2 shows some initiators commonly used for autoxidation reactions. 
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Table 1.2:  Data of common initiators for autoxidation  
* Name Activation energy (kJ. mol-1) 13 Temperature (oC) 
Hydrogen peroxide 48 - 
ter-Butyl hydroperoxide 42 - 
ter-Butyl peroxide 37 150 
ter-Butyl perbenzoate 34 125 
Benzoyl peroxide 30 94 
Acetyl peroxide 30 85 
ter-Butyl hyponitrile 28 60 
ter-Butyl peroxalate 25.5 40 
 
* Typical initiator must have at least 1 h half-life in the reaction mixture. 
 
1.3.2 Metal-catalyzed oxidations  
 
Catalytic oxidations on metal catalysts are divided into two types, namely, homogeneous 
and heterogeneous catalysis. Homogeneous catalysis involves soluble transition metal salts 
such as naphthenates or acetates of Mn, Co, Fe, Cu, etc., present in the same phase as the 
reacting substances in the reaction medium. Homogeneous catalysis may also involve 
some heterogeneous metal oxides that can operate as both homogeneous and 
heterogeneous catalysts under particular reaction conditions.13 On the other hand, 
heterogeneous catalysis involves the metal oxide compounds present in a different phase to 
the reacting substrates.13 In addition, two different mechanisms distinguish oxidation 
reactions mediated by metal ions, namely, homolytic and heterolytic mechanisms. 
Homolytic oxidations on metal ions involve one-electron processes in which free radicals 
are intermediates, while heterolytic oxidations constitute two-electron processes. The 
function of metal catalysts in heterolytic oxidations is to increase the electrophilicity of the 
hydroperoxide.13 The metal ions acting as a Lewis acid, or formally undergoing a two-
equivalent oxidation state change, characterizes heterolytic oxidations. In general, catalytic 
oxidations of organic molecules can proceed via: (1) enzymatic oxidation; (2) free radical 
auto-oxidations; (3) metal ion oxidation of coordinated substrates; (4) oxygen transfer to the 
substrate mediated by metaloxo or peroxo complexes; and (5) oxidative dehydrogenation 
on metal surfaces.13  
 
The advantages of heterogeneous catalysts for liquid-phase oxidations over a 
homogeneous catalyst are the simplicity of catalyst recovery, recycling, and suitability for 
application in continuous processes such as fixed-bed reactors. In addition, homogeneous 
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catalysts suffer from two drawbacks that are unique to oxidation reactions. Firstly, 
homogenous catalysts undergo deactivation via formation of µ-oxo-dimers or oligomers.13 
Secondly, most organic ligands used to synthesize homogeneous catalysts undergo 
oxidative destruction under oxidizing conditions. On the other hand, heterogeneous 
catalysts suffer from the leaching of the metal catalyst from the solid surface, especially in 
liquid-phase oxidation reactions. Furthermore, polar molecules that are formed during 
oxidation processes such as water, alcohols and carboxylic acids can readily solvolyse the 
metal-oxygen bonds attaching the catalyst to the surface of the support.13 The two catalytic 
processes, homogeneous and heterogeneous catalysis, are discussed further in the 
forthcoming sections.  
 
1.3.2.1  Homogeneous oxidation catalysis 
 
Some of the commercial industrial processes using homogeneous catalysts include the 
liquid-phase oxidation of p-xylene by cobalt and manganese salts, and the cyclohexane 
oxidation by cobalt acetate in boric or acetic acid as solvent.13,14 In homogeneous metal-
catalyzed oxidation reactions, the transition metal catalyst may participate in the initiation of 
the kinetic chain in at least two ways: 
 
(1) By reacting with the hydroperoxide added as initiator according to equations [1.13] 
and [1.14]; and  
(2) By acting as a radical initiating species when in a higher oxidation state to generate 
R free radicals directly from the hydrocarbon (RH) according to reaction [1.1]. 
 
The oxidation and reduction of the transition metal ion during oxidation process may be 
illustrated as follows: 
 
Reduction:    [1.13]                   -OH     nM     RO  1)-(nM      H2RO 
  
 
Oxidation:     [1.14]                     H        1)-(nM      2RO        
nM      H2RO
  
 
The overall net reaction of the two processes in equations [1.13] and [1.14] that describes 
the decomposition of the hydroperoxide into alkoxy and alkylperoxy radicals is as follows: 
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[1.15]                                             H    2RO      RO  
n/M1)-(nM    H22RO


   
 
The rates of reactions [1.13] and [1.14] depend on the redox potential of the transition metal 
redox couple, the nature of the ligand (such as acetate or bromide, etc.), and the solvent in 
use. In non-polar solvents, reaction [1.13] is characterised by slow reaction rates and is 
normally accompanied by catalyst deactivation due to complex formation with polar 
substances formed during the oxidation reaction. For example, during the oxidation of 
cyclohexane in the presence of cobalt stearate, an insoluble precipitate of cobalt adipate is 
formed. In some cases, the catalyst may also precipitate as insoluble oxides or hydroxides 
during the reaction.13 However, these types of problems can be minimised by performing 
the oxidation reaction in a polar, protic solvent such as acetic acid (e.g., for the 
cyclohexane-cobalt catalysed oxidation process). For transition metals such as cobalt and 
manganese, their effectiveness as homogeneous catalysts stem from the fact that they 
possess two-oxidation states, separated by one electron unit, which facilitates reactions 
[1.13] and [1.14] to occur concurrently.13  
 
During the oxidation process, reaction [1.13] occurs faster than [1.14] since the alkyl 
peroxides are relatively strong oxidizing agents but weak reducing agents. When the metal 
oxide has two oxidation states of comparable stability, reactions [1.13] and [1.14] can occur 
simultaneously.  
 
1.3.2.2  Heterogeneous oxidation catalysis 
 
Heterogeneous oxidation catalysts are generally acidic oxides and examples include, MoO3, 
WO3, V2O5, SeO2, etc., which oxidizes the organic substrate in a process that involves a 
two-electron transfer reaction. There are different types of heterogeneous metal oxide 
catalysts such as: 
 
- Supported metal oxides on amorphous supports (e.g., -Al2O3);  
- Supported metal ions and complexes, e.g. metal ions on ion exchange resins and 
metal ion oxygenated zeolites;  
- Supported oxometal (also referred as oxidic) catalysts, e.g., TiiV/SiO2 and redox 
molecular sieves; and 
- Metal complexes encapsulated in zeolites. 
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The gas-phase oxidation of organic molecules is assumed to operate according to the redox 
mechanism proposed by Mars and van Krevelen.13 According to this mechanism, the 
organic substrate is oxidised by the solid catalyst and not directly by the molecular oxygen 
present in the gaseous phase. The role of gas-phase dioxygen is to regenerate, or maintain 
the oxidised state of the metal oxide catalyst. The mechanism involves the presence of two 
types of distinct active sites of the metal oxide catalyst: an active site, which oxidises the 
organic substrate, and another site active for oxygen reduction. An adequate structure of 
the metal oxide material should also facilitate both electron- and oxygen-transfer.  
 
The metal oxide can participate in the oxidation process in essentially two ways: by 
interacting with dioxygen, or by interacting with the substrate. The interaction of the metal 
with dioxygen to form an intermediate metal peroxy radical, which then interacts with the 
substrate leading to hydroperoxide formation. The interaction of the metal with dioxygen can 
be illustrated by using a vanadium pentoxide catalyst as example:18  
 
 O 
V 
O O 
O 
O 2 
O 
V 
O O 
O 
OO 
O 
V 
O O 
O 
RH 
+ ROOH 
 
 
In the interaction of transition metals with the dioxygen molecule, the metal oxide activates 
the oxygen molecule from its triplet ground state. The resulting metal-dioxygen complex is 
usually expected to react selectively with the hydrocarbons.  
The metal-oxygen bond formed from the interaction between a transition metal and 
dioxygen gives rise to superoxo and peroxo complexes. Under redox conditions, the active 
site at the metal oxide surface with sufficient redox potential may affect charge transfer to 
the oxygen molecule without breaking the O-O bond. The resulting electrophilic O2- species 
is bound to the active site either end-on to form a superoxo species, or side-on to form a 
peroxo-type species. The dioxygen adsorbed at metal oxide surfaces is mainly in a form of 
superoxide ions while the existence of peroxide has not been proven.13 When the redox 
potential of the metal oxide active site has an appropriate charge transfer value, cleavage of 
the O-O bond may take place and highly reactive O- may also be formed. All the different 
oxygen species interact with the -electron system of organic molecules to start the 
electrophilic oxidation. 
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The ability of a metal oxide catalyst to influence reaction rates, and more particularly product 
selectivity, during oxidation reactions depends on the catalyst surface structure. The 
exposure of specific crystal planes that contain active sites are not uniformly distributed over 
the catalyst surface and add to the complexity of understanding the involvement of the 
metal oxide catalysts in driving selectivity during the oxidation process. As a result, some 
oxidation processes are sensitive to the crystal structure, particularly the specific crystal 
planes possessing the active sites, of the metal oxide catalysts.13,17 
 
While metal oxides can improve oxidation rates of homolytic oxidations by participating in 
the initiation step, i.e., the formation of free radicals, the metal catalyst can also inhibit the 
oxidation reaction. When the metal catalyst acts as inhibitor, an abrupt transition from rapid 
oxidation reaction to suppressed oxidation rate is observed. This usually happens at higher 
catalyst concentrations. In such cases, the rate inhibition can be circumvented by adding an 
alkyl hydroperoxide, or by performing the oxidation reaction in a polar medium such as 
acetic acid.13  
 
1.4 Overview of industrial oxidation reactions 
 
Most of the oxygenated value-added chemicals are produced through oxidation processes. 
Both gas- and liquid-phase oxidations are used in commercial oxidation processes, and 
improving their production efficiency and selectivity towards the target compounds remains 
a prime objective in industrial and academic research.13,14,17 The choice to perform an 
oxidation process in the gas- or liquid-phase depends on a number of factors such as the 
activation energy for the oxidation of the substrate, the type of reactor system, the type of 
catalyst, the stability to oxidation of the product, etc. For example, in fine chemicals 
production where oxidation products have high boiling points or where they are temperature 
sensitive, gas-phase oxidations are often precluded. However, where it is feasible to 
perform the oxidation in the gas-phase, it is often the method of choice. Gas-phase 
oxidations are mostly practised for the production of bulk industrial chemicals. For the 
production of many fine and intermediate chemicals, liquid-phase oxidation processes are 
preferred due to the complexity, low volatility and limited thermal stability of the desired 
oxidation products. 
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1.4.1 Liquid-phase oxidations 
 
As stated previously, liquid-phase oxidations are typically characterised by slow reaction 
rates and for most fine chemical applications, a stirred batch reactor can be used effectively 
for oxidations. Typically, the oxidation gas is introduced at the bottom of the reactor to form 
small bubbles and to improve the gas and liquid contact. When heterogeneous catalysts are 
used for such oxidations, the solid catalyst is suspended in the liquid and the stirrer blade 
aids its contact with both the liquid and gas.14,16,17 Liquid-phase oxidations are usually 
performed at mild temperature conditions, usually in the range 60-200 oC to minimize 
decomposition, or further reaction of the products.13  
 
Important examples of liquid-phase oxidation processes are the oxidation of cyclohexane to 
produce cyclohexanone and cyclohexanol, key intermediates in the synthesis of nylon-6 and 
nylon-6,6, and the oxidation of p-xylene to terephthalic acid, a building block for poly-
ethylene terephthalate.19,20 In addition, cumene hydroperoxide derived from the liquid-phase 
oxidation of cumene serves as the feedstock for both phenol and acetone production.16 One 
more interesting liquid-phase oxidation process is the conversion of ethylbenzene to 
ethylbenzene hydroperoxide that is used as an epoxidizing agent in the propylene 
oxide/styrene process.21 Table 1.3 lists some important industrial liquid-phase oxidation 
processes for production of intermediate chemicals. 
 
The liquid-phase oxidation of cumene is one the few examples of a large-scale, non-
catalyzed oxidation process, used to manufacture cumene hydroperoxide (CHP) for the 
production of phenol and acetone. This process is operated at 105-115 oC at 6-7 bar in a 
cascade of four to six serially connected bubble-column reactors in order to improve the 
selectivity which is a serious issue in oxidation reactions. The conversion is limited to about 
25-30% in order to limit the build up of the side products such as dimethylcarbinol (DMC) 
and acetophenone produced by decomposition of cumene hydroperoxide.16  
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Table 1.3:  Some important commercial liquid-phase oxidation processes 
Oxidation 
process 
Typical reaction 
conditions 3,9,14,16,20-22 
Main 
product 
Typical 
conversion 
Typical 
Selectivity 
 
p-Xylene  
Cobalt and 
manganese catalyst, 
190-205 oC and 15-30 
bar 
 
Terephthalic acid 
(PTA) 
 
95 % 
 
>90 % 
Cyclohexane  
Cobalt and 
manganese in boric 
acid 125-165 oC, 8-15 
bar,  
 
Cyclohexanone, 
cyclohexanol 
 
12-13 % >90 % 
Cumene 
Uncatalysed, 130-140 
oC, 5 bar, cumene 
hydroperoxide initiator 
Cumene 
hydroperoxide 
(for conversion to 
phenol and 
acetone) 
20-30 % 93-95 % 
Isobutane Uncatalysed, 120-140 oC, 35 bar, initiator 
Tertiary-butyl 
hydroperoxide 
(TBHP) 
25 % 60 % 
Ethylbenzene Cobalt, 120-140 
oC, 
35 bar, initiator 
Ethylbenzene 
hydroperoxide 
(EBHP) 
15-17 % 87 % 
p-Cymene or 
m-cymene 
Uncatalysed,120-200 
oC, 5-15 bar, initiator 
p-or m-Cymene 
hydroperoxide 15-20 % 60-70% 
 
1.4.2 Gas-phase oxidations 
 
Heterogeneous gas-phase oxidations over a solid metal oxide are usually performed at 
temperatures above 300 oC in fixed-bed reactors. Gas-phase oxidations afford mostly 
carbonyl compounds and dehydrogenation products that are isolated in high yields unlike 
alkyl hydroperoxides, which are often the desired products in liquid-phase oxidations.13 
Table 1.4 shows some of the important industrial gas-phase oxidation processes to 
manufacture intermediate bulk chemicals. 
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Table 1.4: Some industrial gas-phase oxidation processes for intermediate chemicals                
 production 
 
  
1.4.3  Some common problems in oxidation processes 
 
The limitations imposed on selectivity by the complex side reactions, including further 
oxidation of target products, during oxidation reactions often requires the restriction of 
conversions to minimize the formation of unwanted products.13,14 As a result, most oxidation 
reactions are characterized by low space-time yields with significant recovery and recycling 
of the starting material, especially in liquid-phase oxidations. The efforts to achieve better 
selectivity at reasonable conversion rates have been the driving force of research in the field 
of oxidation processes to improve the production space-time yields. One area that has often 
been overlooked when studying these types of reactions is the impact of the nature of the 
reactor technology on oxidation process performance. As a result, there has recently been a 
growing interest in the reactor engineering area in an attempt to bring the oxidation 
chemistry process and the reactor technology together in an integrated approach.  
 
Safety is of paramount importance in the operation of any chemical production process. It 
should be noted that oxidation reactions involve highly reactive species such as free 
radicals; hence, safety issues are of the utmost importance in performing such types of 
reactions.13,15 In oxidation reactions, the contact of air (or other oxidant) with the 
hydrocarbon mixture is of particular importance both in lab-scale work and in the design of a 
large industrial production plant.17 Apart from the potential auto-ignition of gaseous mixtures 
Oxidation 
Process 
Main desired 
product  
Typical reaction  
conditions 3,13 
Typical 
Yield 
(%) 
Methanol  Formaldehyde  Iron molybdate, air, 250 - 300 oC  90 – 95 
Ethylene  
 
Ethylene oxide 
 
Ag/Al2O3, air , 200 - 300 oC (10-30 atm) 70 – 75 
 
n-Butane 
 
Maleic anhydride 
 
(VO)2P2O7, air, 400 - 450 oC 
 
60 – 65 
 
Benzene 
 
Maleic anhydride 
 
V2O5/Al2O3, air, 400 - 450 oC 
 
70 – 75 
Propylene Acrylonitrile  V2O5/Sb2O5/Al2O3, air, 400 – 450 oC 
n/a 
 
Acrolein 
 
Acrylic acid 
 
V2O5/MoO3, air, 350 - 550 oC 
 
90 – 95 
 
o-Xylene 
 
Phthalic anhydride 
 
V2O5/TiO2, air, 350 - 550 oC,  
 
75 – 80 
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of oxidant and hydrocarbon, the effect of vastly different contacting efficiency between lab 
and production scales and the effect on reaction kinetics need careful attention.15,17,22 In 
practice, liquid-phase oxidations are carried out in such a way as to keep the oxygen 
concentration in the reactor (e.g., a batch reactor) overhead well below the flammability 
level of gaseous hydrocarbon/oxidant mixtures. This is normally achieved by working at 
elevated pressures to reduce hydrocarbon evaporation, ensuring virtual complete oxygen 
consumption in the reactor, and blanketing with an inert gas, etc.15 In the case of oxygen, or 
oxygen-enriched air, this becomes problematic to achieve. An alternative to the prevention 
of the formation of a flammable/explosive gas mixture in the reactor overhead is to reduce 
the reactor overhead space so that even if flammable/explosive mixtures do form, no 
ignition/propagation is possible.15,23  
 
1.5 Overview of cymene oxidation 
 
The acid cleavage of cymene hydroperoxide is the most important synthetic route to cresols 
despite some specific shortcomings. This route is analogous to the phenol from cumene 
route, but results in considerably lower overall yields compared to the cumene to phenol 
route.24,25 This liquid-phase oxidation process is the subject of investigation in this thesis. 
Commercial processes for the production of p- and m-cresol via the acid cleavage of 
cymene hydroperoxide produce cresol mixtures containing approximately 60% m-cresol and 
40% p-cresol. Pure m- or p-cymene can also be utilized to produce pure m- or p-cresol, 
respectively. Cymene is first produced via the Friedel-Crafts alkylation of toluene with 
propylene. All three cymene isomers are formed, and the amount of o-cymene minimized 
(<10%) by isomerization, since it is not further oxidized and, as mentioned previously, can 
inhibit the oxidation of the other two isomers.3,12 
 
The oxidation of p-cymene first starts with the formation of cymene free radicals as depicted 
in Scheme 2 (according to reactions [1.1] and [1.2].  
 
CH3
CH3 CH3
CH3
C
CH3 CH3
CH2
CH3 CH3
+
[1] [2] [3]
+ ROOH
 80 -120 °C
-H
 
Scheme 2:  Formation of cymene free radicals 
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Since the p-cymene molecule has both a methyl group and an isopropyl group in a para- 
orientation with respect to one another, and since both of them are susceptible to oxidation, 
both the primary and tertiary cymene free radical is formed. A small amount of added 
initiator, usually cymene hydroperoxide (CHP) itself or tertiary butyl hydroperoxide (TBHP), 
initiates the reaction. The cymene free radicals react with an oxygen molecule to afford 
primary cymene hydroperoxide (PCHP) and tertiary cymene hydroperoxide (TCHP) as 
shown in Schemes 3 and 4.  
 
CH3
C
CH3 CH3
[2]
CH3
CH3 CH3
O
O
CH3
CH3 CH3
O
OH
[4] [5]
O2
CH3
CH3 CH3
 
 
Scheme 3: Oxygen insertion to the tertiary cymene free radical molecule to form tertiary       
 cymene hydroperoxide 
 
 
CH2
CH3 CH3
[3]
CH3 CH3
O
O
[6]
O2
CH3 CH3
O
OH
[7]
CH3
CH3 CH3
 
Scheme 4: Oxygen insertion to the primary cymene free radical molecule to form primary       
 cymene hydroperoxide 
 
Since the tertiary hydrogen is more reactive than the primary hydrogen, and since the 
tertiary radical is resonance stabilised (Scheme 5), the ratio of primary to tertiary cymene 
hydroperoxide formation is approximately 1:4 in the two-phase industrial process.3 However, 
recently a ratio as high as 1:6 of primary to tertiary cymene hydroperoxide has been 
reported.1 The tertiary cymene hydroperoxide is converted to p-cresol and acetone through 
an acid-cleavage process (Scheme 6).  
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Scheme 5:  Resonance stabilisation of tertiary cymene free radicals 
 
CH3
CH3 O
CH3
OH
CH3
OH
+
[5] [8]
Acetone
H2SO4
acetone, 60  °C 
 
Scheme 6:  Acid cleavage of tertiary hydroperoxide to form p-cresol 
 
Both the primary and tertiary cymene hydroperoxide can undergo further reactions leading 
to the formation of by-products such as p-methylacetophenone (Scheme 7) from tertiary 
cymene hydroperoxide, while primary cymene hydroperoxide forms 4-isopropylbenzyl 
alcohol [10], 4-isopropylbenzaldehyde [12] and 4-isopropylbenzoic acid [13]. 
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Scheme 7: Decomposition of tertiary cymene hydroperoxide [5] to 4-methyl acetophenone [9] 
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Scheme 8: Oxidation of primary cymene hydroperoxide [7] to 4-isopropylbenzyl alcohol [10], 
 4-isopropylbenzaldehyde [11] and 4-isopropylbenzoic acid [12] 
 
Several aspects regarding the cymene oxidation process is worth noting. These can be 
summarized as follows: 
  
- At present, the commercial oxidation of cymene is carried out in the absence of 
catalyst to minimize the formation of primary hydroperoxide. Furthermore, the 
oxidation is performed in the presence of a base (pH 7-10) to neutralize acidic by-
products resulting from normal autoxidation of the initially formed hydroperoxides.  
 
- The process is characterized by long oxidation reaction times. This is due to the 
high energy of activation of the initial hydrogen abstraction process. Therefore, in 
order to decrease initiation times and increase oxidation rates, an initiator substance 
is added to the oxidation mixture.13,17 However, even in the presence of the added 
initiator, the cymene oxidation rates of this process are still relatively slow with 
typical reactor residence times of around 10 hours. 
 
- In the cymene oxidation process, both the initially formed TCHP and PCHP are 
much more reactive with respect to further oxidation than the p-cymene substrate 
under the oxidation conditions. As a result, selectivity to the desired TCHP 
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continuously decreases with increasing substrate conversions and increasing 
reaction times. Thus, in order to maximize selectivity to TCHP, the conversions of 
cymene during oxidations are restricted to between 15-20%. Under these 
conditions, the typical selectivity to TCHP is in the range of 60-70% based on 
cymene consumed.3,12,24,25  
 
- Between the two steps of the cymene oxidation process (oxidation and acid 
cleavage), the cymene autoxidation step affords the lowest efficiency in the 
formation of the targeted tertiary cymene hydroperoxide (TCHP). Therefore, in order 
to enhance the efficiency of p-cresol production, it is apparent that an improvement 
in the cymene oxidation step, namely increasing both TCHP formation rate and 
selectivity, is the most important step to consider. However, in the cymene oxidation, 
conversion and selectivity are in a trade-off relationship because the p-cymene 
autoxidation is subject to thermal decomposition of the initially formed TCHP as 
conversion increases.  
 
1.6 Mass transport in multiphase reactions 
 
Multiphase reactions involving gas/liquid, gas/solid and gas/liquid/solid phases are 
performed in many industrial processes such as oxidations, hydrogenations, 
hydroformylations, etc., to convert reactants into different oxygenated or value-added 
chemical products. The understanding of the contacting between the different phases in 
these types of chemical reactions is very important to determine and improve any mass 
transport limitations. The benefits of improving mass transport include improved reaction 
rates (improved reactants conversion), and higher product yields and selectivities. In a 
typical three phase-catalysed reaction (gas/liquid/solid), there are two or three interfaces 
occurring at the catalyst surface, namely, the gas/liquid, liquid/solid and gas/solid interfaces. 
These interfaces directly affect the mass transport of the gaseous and liquid reagents to the 
active catalyst sites.  
 
The sequence of steps that must occur before gaseous and liquid reactants in gas-liquid-
solid three-phase reactions are converted into products, for example, a heterogeneously 
catalysed oxidation reaction, can be summarised as follows: 
 
- Transfer of gaseous oxidant from the gas bubble to the liquid boundary phase; 
 
 
 
 
 
24 
 
 
- Transfer of liquid reagents from the bulk liquid to the external surface of the catalyst 
particle; and 
 
- Diffusion of the dissolved reagents in the liquid into the pores of the catalyst particle 
followed by chemical reaction. 
 
Effective mass transfer between the gas and liquid, and between the liquid and solid is 
critical for three-phase reactions, much more so than the mass transfer of a gaseous 
reactant to a solid catalyst in a two-phase gas-phase reaction.26 The organic substrate is 
usually present at much higher concentrations than the gaseous reactant dissolved in the 
liquid. This implies that the gaseous reactant is the rate limiting reactant in such reaction 
systems. The full wetting of the solid catalyst by the liquid reactant does not necessarily 
mean that the catalyst is being effectively utilized. Effective mass transfer of both the gas 
and liquid reactants between the bulk liquid and the catalyst surface has to happen in order 
to make the catalytic reaction happen. One approach to improve such mass transfer is to 
increase the concentration of reactants on the catalyst surface and thereby promoting 
diffusion into the catalyst pores. 
 
The mechanism of reactants’ penetration into the catalyst pore structure is mainly through 
diffusion for both gases and liquids, and the rate is controlled by the intrinsic kinetic rates 
and the pore diffusion mass. The pore diffusion mass transport is directly related to the 
catalyst thickness, pore structure and particle size which determine the catalyst surface 
area.26  
 
A number of mathematical models have been developed in order to describe and 
understand the mass transport phenomena in multi-phase reaction systems involving 
gas/liquid/solid phases at the gas/liquid interface, such as: 
 
- Classical film theory, in which mass transfer is assumed to proceed via stationary 
molecular diffusion through a stagnant film thickness,27 
 
- The penetration model, where the characteristic is the residence time at the interface 
of the liquid fluid,28 
 
- The surface renewal model, that combines the film theory and penetration model 
where a parameter of the replacement of a fluid element is introduced,29,30 
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- Particle-to-bubble adhesion, which describes the adhesion of the fine catalyst 
particle to the gas bubble that is controlled by the catalyst hydrophobicity. In turn, this 
adhesion influences the gas/liquid mass transfer, bubble coalescence and the 
particle agglomeration in multiphase reactors such as bubble column and slurry 
stirred batch reactors.31,32 
 
While such mathematical models have been helpful in understanding the mass transport 
limitations on the overall chemical reaction performance, one important parameter also 
needs to be taken into consideration for better understanding of the chemical process 
performance, namely, the reactor equipment. This has been treated separately in most of 
the models where the focus was more on developing the chemical reaction parameters to 
suit the equipment. Following the discussions above it is clear that in the development of a 
multi-phase reaction process, not only must intrinsic kinetics be considered, but also the 
relationship between the mass transport characteristics and reaction kinetics to the design 
of a reactor system.26  
 
The efforts to improve the reaction kinetic rates by using a more active catalyst or increasing 
catalyst concentration, when the overall rate of reaction is determined by mass transport 
from the gas bubbles to the liquid-phase, will only allow benefits to a limited extent. In this 
case, an increase in the gas/liquid mass transfer rate by improving the reactants’ contact 
conditions will significantly improve the overall reaction rate, and thus the product yield and 
selectivity. The use of a well-mixing device will partially improve the mass transport 
limitations.27 
 
Apart from the use of a well-mixing device, the improvement in the mass transfer for typical 
three-phase reaction systems can be achieved by using a solid catalyst with small, fine 
particles.26 The other option to improve the mass transport limitation in multiphase reaction 
systems is to use effective reactor equipment that will provide efficient contact of the 
reactants. 
 
1.7 Conventional reactors for multiphase reactions  
 
The majority of multiphase reactions (gas/liquid, liquid/solid and gas/liquid/solid) such as 
hydrogenation, oxidation and epoxidation reactions are conducted in bubble-column, stirred 
batch, or semi-batch reactors. Maintaining a uniform distribution of a heterogeneous catalyst 
suspension in such reactors is by means of agitation, either by the gas bubbles rising 
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through a bubble column, or by agitation with a stirrer blade in the case of stirred batch 
reactors.27 A trickle-bed reactor is another reactor type used to perform multiphase 
reactions. In these reactors, the liquid is falling concurrently with the gas through a fixed bed 
of catalyst.26,33 The laboratory stirred batch reactor or slurry reactor is often used as a tool to 
study the intrinsic kinetic data that is used for the design of the large-scale catalytic reactors 
and to gain an understanding of the reaction mechanisms.  
 
The study of the kinetics for highly exothermic reactions is, however, difficult to conduct in 
batch reactors even at the highest stirring speed and great care must be taken when the 
particular reaction has to be scaled up based on the obtained lab-scale kinetic data.26,33-37 
The dissipation and removal of heat and the rate of mass transfer across interfacial 
boundaries, which often limit the overall chemical reaction rates, are closely related to the 
fluid flow patterns inside a reactor system, and the gas-liquid contact area.26,33,34 A 
significant problem with a stirred batch reactor as a multiphase reactor is that it is hard to 
eliminate all transport limitations, whether for gas/liquid or solid/gas/liquid reactions. This 
can result in mass transfer effects becoming predominant over intrinsic kinetics for fast 
reactions. In such cases, the true intrinsic kinetic rates of reactions are often masked by 
mass transfer limitations in the stirred batch reactors, leading to reaction times being longer 
than expected.26 
 
For slower reactions such liquid-phase oxidations, the stirred batch reactor can be used 
effectively to obtain kinetic data. However, the effect of reactor volume should be carefully 
considered because as the volume of the batch reactor increases, problems associated with 
non-uniform mixing, heat distribution and removal may arise.26 Inefficient mixing in large 
batch reactors may shift the process from a kinetically controlled region to a mass transfer 
controlled region.26,33,34 This shift will have a significant effect on the conversion rate of the 
substrate and selectivity to the desired products. In most cases, these problems are 
particularly acute during the scale-up stage. The geometric distribution of heat, mixing, and 
reaction kinetics do not scale in direct proportion. This leads to uncertain changes in the 
heat and mass transport in scaling up from the laboratory to pilot plant and to full-scale 
production since mixing gets more difficult as the vessel gets larger. As a result, changes in 
selectivity and activity are often observed when scaling up laboratory batch processes to 
larger vessels. These changes are manifested in longer batch reaction times and reduced  
yields.33  
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Recently there has been a growing interest in alternative downstream chemicals production 
technologies as companies realize that traditional manufacturing methods do not give 
sufficient production cost advantages.26 This is especially true for the production of 
intermediate-scale chemical products where conventional stirred batch reactors lead to 
expensive production unit costs, potential loss of selectivity and low production space-time 
yields. In addition, for small-scale chemicals production, it is often difficult to scale-up a new 
chemical process reliably. This can lead to high expenses on scale-up, and transfer issues 
of the lab-scale chemistry to large production scale can lead to a significant time delay for a 
new product’s introduction into the market. These problems present interesting opportunities 
to academic and industrial researchers for the development of new, alternative approaches 
in reactor engineering and production technologies for intermediate and downstream 
chemicals. 
 
The preceding discussion illustrates the typical problems associated with the use of 
conventional reactors to control mass transfer and reaction kinetics when performing 
multiphase reactions. An ideal reactor for a three-phase reaction must have some unique 
characteristics to alleviate the mass and heat transfer limitations encountered in the 
conventional reactor. One approach to alleviating the mass transfer problems encountered 
in the multiphase reactions is by the generation of high interfacial areas between phases in 
the reactor. By improving the surface area-to-volume ratios inside the reactor, both the 
contact between reactants, or between reactants and a catalyst, will improve, as well as the 
distribution and removal of heat.38 Micro-structured reactors are one type of reactor 
technology with such unique characteristics capable of providing high surface area-to-
volume ratios to improve interfacial areas inside the reactor.3 
 
1.8 Micro-structured reactors in organic synthesis 
 
Micro-structured reactors can be defined as miniaturized chemical reactor systems with 
three-dimensional structures, the inner dimensions of which are under a millimetre in size.38 
They have reaction channels with a typical diameter of 50 to 1200 µm. The small 
dimensions of the reactor microchannels lead to relatively large surface area-to-volume 
ratios, which is the reason for improved heat and mass transfer in such reactors. Specific 
surface areas of micro-structured reactors are between 10000 and 50000 m2/m3 as 
compared to 100 and 1000 m2/m3 in conventional reactors.38  
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The development of temperature gradients or hot spots can be a serious problem in 
conventional reactors that can lead to undesirable side reactions or even run-away 
reactions in worst-case scenarios. In micro-structured reactors, the formation of temperature 
gradients is suppressed significantly, thereby decreasing the occurrence of any 
temperature-promoted side reactions and fragmentations.39 This is due to the very high heat 
transfer coefficients of micro-structured reactors. Heat transfer coefficients in micro-
structured reactors can be in the order of 10 KW m2 K-1, allowing fast heating and cooling 
rates of reaction mixtures.39,40 These unique properties make them suitable to perform a 
variety of chemical reactions ranging from fast to slow, and from highly exothermic to 
strongly endothermic reactions that have a large heat effect. In addition, micro-structured 
reactors enables one to perform reactions under conditions that used to be inaccessible, 
such as oxidations in the explosive regime (e.g., by using pure dioxygen as oxidant), 
thereby improving production space-time yields.38  
 
The translation of a chemical synthesis from the laboratory to larger industrial production 
scales is often complicated due to the lower level of reaction control achievable in large-
scale reaction vessels.40 Such control, in particular, relates to the control of temperature 
gradients and the effective mixing of reactants. Non-homogenous temperature and reagent 
concentration distribution profiles may give rise to side reactions as well as product 
decomposition, resulting in lower product yields and selectivity.39,40 In such cases, micro-
structured reactors often offer distinct advantages since both heat transfer and mixing rates 
(or contact time of reactants) may be manipulated in micro-structured reactors simply by 
fine-tuning the flow rates, which controls the reactants’ residence time. In addition, rapid and 
effective mixing of reactants will promote the desired reaction and can significantly reduce 
side reactions.39 A number of organic chemical reactions have already been demonstrated 
to give improved product selectivity and productivity when such reactions are performed in a 
continuous flow manner at the micro-scale in micro-structured reactors compared to 
conventional reactors.39-41  
 
The traditional process of scaling up a lab-scale process is often complicated   and goes 
through three main stages before the process reaches full operation.41 The first stage 
involves lab-scale work during which the kinetics, mass transfer characteristics and 
hydrodynamic information of the process are obtained. The second phase is evaluation of 
the process in a pilot-plant before scale-up to a larger production plant (the third phase). 
This approach is fundamentally flawed since any changes to the reactor during the various 
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phases will inevitably result in a change in heat and mass transfer characteristics, thereby 
impacting on process conversions, selectivity and yield.40  
 
Scaling-up of a process using micro-structured reactor technology by using a large number 
of small units identical to those used in the already optimized lab-scale process, avoids the 
difficulties brought about by increasing the size of reactor volumes.39,40,42,43 In this way, the 
chemical process is optimized once on the laboratory scale, and the increase in the 
production volume is achieved by increasing the number of reactors identical to the 
optimized lab-scale process. As a result, the scaled-up micro-structured process will 
operate using the same optimized conditions as for the lab-scale reactor.43 
 
The safe operation of production processes is of paramount importance in the modern 
chemical industry since accidents and run-away reactions can incur huge capital and 
process operational expenses, as well as reduced public confidence. As a result, many 
reactions that work efficiently at a laboratory bench-scale level are viewed too dangerous to 
perform in conventional large-scale reactors. The safety of micro-structured reactors is high 
compared to conventional reactors. This is a direct result of the small reaction volumes of 
the micro-channels.42 The small inner dimensions not only serve to dissipate heat, but can 
also assist in reaction moderation, for example by terminating radical chains. As a result, 
non-explosive regions are significantly broader in micro-structured reactors than in 
conventional reactors.38,38  
 
1.8.1 Contact principles in micro-structured reactors 
 
Micro-structured reactors have shown unique potential advantages over conventional 
reactors in chemical processing, especially as a result of the mixing characteristics of these 
types of reactors. For many reactions, the rate of mixing can determine the rate at which 
reactants are converted into products.26,33-37,41 This is especially true for very fast reactions 
where the reaction rate is much faster than the rate of mixing, and for reactions where mass 
transfer across a boundary layer determines the rate of reaction. During mixing, when 
reaction normally occurs, heat is released or consumed, and hence the heat transfer 
characteristics of the mixing or reactor device also becomes important.38-40  
 
The mixing of liquids or gases is usually considered at two levels, namely at a macro- and 
micro-level. Macro-mixing involves the even distribution of one reagent in another (or in a 
solvent) and is usually achieved by using a mixing device such as a mechanical stirrer, 
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mixing pump, etc. Micro-mixing is the mixing at, or close, to the molecular level and is 
responsible for the contact between two reagent molecules to produce reactive collisions. 
The latter is essentially governed by a mechanism of molecular diffusion, the rate of which 
correlates with the product of the diffusion coefficient, and the local concentration 
gradient.44-46 Diffusion is, in general, a rather slow process, but can be assisted by use of 
agitation devices to create turbulent flow conditions that facilitate the macro-mixing process. 
In the case of micro-structured reactors, mixing is essentially a micro-mixing process, i.e., a 
diffusion process, since the flow pattern in such devices is essentially laminar flow (low 
Reynolds numbers).44 (When using a micro-mixing device as the chemical reactor, turbulent 
flow conditions may be generated as a result of the internal structuring of the mixing device, 
as well as the flow rate of the reaction mixture through the micro-channels.) In the case of 
laminar flow, the division of the mixing process into small compartments assists the diffusion 
process. This effectively decreases the diffusion length, and improves the rate of micro-
mixing.47 In the case of the mixing of two phases, e.g. gas and liquid, the contact or mixing 
rates of reactants are enhanced as a result of the small channel dimensions that provide 
exceptionally high surface area-to-volume ratios, hence large interfacial areas.  
 
As a result of efficient mixing, micro-structured reactors can provide process reaction rates 
with better product space-time yields, as well as improved selectivity. Both for improved 
space-time yields and improved selectivity, the time scale of the mixing process in relation 
to the time scale of the reaction plays a major role. For high space-time yields, the rate of 
mixing (relative to the reaction rate) determines the space-time yield since the mixing 
process must be finished before the reaction is completed.47,48 For improved selectivity, 
efficient mixing ensures a high rate of reactive collisions between the desired reagent 
molecules, whilst collisions between reagent molecules that lead to by-product formation 
may be minimised, especially in the case of series reactions, or reactions involving multiple 
phases.  
 
It is, however, important to note that it is not only the mixing characteristics of a micro-
device that are important for high space-time yields. High mass flow rates at tolerable 
pressure drops are also essential.49,50 To achieve high mass flow rates, the number of 
channels can be increased, or the channel cross-section can be enlarged, or the flow rate in 
the channels can be increased.44 Increasing the number of channels is practiced very often 
and is connected with the concept of numbering-up. The main difficulty with numbering-up is 
to achieve homogeneous flow distribution in the inlet and outlet manifolds. Larger channel 
cross-sections seem contradictory to the concept of “micro-structuring” but when used 
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together with an increased linear fluid velocity, turbulent flow conditions (high Reynolds 
numbers) can be maintained to improve the contact of reactants.42  
 
In gas/liquid phase reactions with a solid catalyst, there are many characteristic features 
that affect the flow of the fluid and hence reactants’ contact. The surface characteristics of 
the channel walls can affect the flow of the thin liquid film. In addition, the surface quality of 
the coated catalytic material in the micro-channel walls is critical for gas/liquid/solid contact 
in wall-coated micro-structured reactors.50 For example, surface roughness should also be 
minimized to decrease friction and breakage of the thin falling films.  
 
1.8.2 Gas-liquid micro-structured reactors 
1.8.2.1 Falling film micro-structured reactor 
 
A falling film micro-structured reactor (FFMSR) is a typical continuous-flow micro-structured 
reactor, which can be used to perform multiphase reactions such as gas/liquid, and 
gas/liquid/solid (catalysed) multi-phase reactions.43 The operating principle of a FFMSR is 
that it generates very thin liquid films from a liquid feed falling under gravitation over a 
micro-structured surface to form an expanded thin liquid film.51 The micro-channels, which 
are arranged in parallel on the falling film plate, guide the film streams and prevent film 
breakage. The introduction of the gas reagent is concurrent with the liquid, and diffuses 
quickly through into the thin liquid film. For catalysed gas/liquid reactions, the liquid film is in 
contact with a solid catalyst of a few tens of micrometers thickness, coated on the micro-
structured falling film plate. The thinness of the liquid film results in rapid heat and mass 
transfer.49 A typical falling film micro-structured reactor consists of four main components. 
The bottom housing section consists of an integrated heat exchanger, a micro-structured 
falling film plate, a contact-zone mask, and a top housing section with an open space. Fig. 
1.1 shows a picture and flow-schematic of a falling film micro-structured reactor designed by 
the Institute für Mikrotechnik Mainz (IMM), in Germany.43,50 
 
Typical liquid films in the FFMSR are in the order of 100 µm thick and, depending on the 
size and number of micro-channels, result in surface area-to-volume ratios between 10 000 
and 50 000 m2m-3.51 The small micro-channels prevent the break-up of the thin liquid films at 
low flow rates as a result of the combination of capillary forces and the small channel 
widths. The liquid is pulled up along the sides of the channel walls, and takes up a 
significant portion of the channel width, and the surface of the liquid film takes the form of a 
meniscus.53  
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Fig. 1.1: Components and flow scheme of a falling film micro-structured reactor48 
 
Results of the characterization of the thin liquid films, gas distribution and residence time in 
a FFMSR have been reported.52,53-55 At low flow rates, the surface of the film curves upward 
while moving from the centre of the channel to the channel wall. As the flow rate increases, 
the film thickness also increases and the surface profile becomes flatter.53 When the 
channel is completely filled, the profile becomes flat, while further increases in the flow rate 
causes the liquid to bulge out of the channel until the hydrostatic pressure exceeds the 
surface-tension forces and the liquid bursts out of its channel-wall confines.53 It is apparent 
from the discussions that the flow rates in a falling film micro-structured reactor can 
influence parameters such as mass transfer from the gas to the liquid-phase as the 
gas/liquid interfacial area changes. It is worth noting that a decrease in the flow rate results 
in an increase of the residence time of reactants. 
 
The overall conversion rate in a FFMSR containing a number of micro-channels is the sum 
of the conversion contribution by every single individual channel conversion rate, as well as 
a gas/liquid distribution factor. This distribution factor is primarily determined by the gas and 
liquid distribution among the individual channels under the particular reaction conditions.55 If 
the gas and liquid flow is completely segregated among the channels, the distribution factor 
would be zero. In this case, no matter how good the catalyst is coated in the micro-
channels, the performance of the reactor will be poor. 
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1.8.2.2  Application of gas/liquid micro-structured reactors 
 
The most benchmarked application of a FFMSR has been in multiphase reactions such as 
hydrogenations,56 ozonolysis,57 direct fluorination, chlorination and bromination of benzene 
ring chemistry.58,59 These types of reactions are fast and highly exothermic so that when 
initiated, they are immediately accompanied by a release of heat and side reactions. The 
local rise in temperature increases the rate of radical splitting considerably for some of 
them. The formed radicals react mostly unselectively, leading to pathways that give a broad 
spectrum of side, and consecutive reactions. Because of the large heat release and 
uncontrolled temperature rise for some of them, explosions are even possible, particularly in 
conventional lab-scale reactors. However, FFMSR has shown better safety, product space-
time yield and product quality. 
 
1.8.3 Catalytic wall-coated micro-structured reactors 
 
The concept of wall-coated catalysts date back to their application in automotive catalytic 
converters, known as monolith or honeycomb reactors.60 However, the successes of 
monolith reactors for gas-phase reaction systems have not been demonstrated for 
gas/liquid/solid multiphase reactions. In catalytic wall-coated reactors, isothermal operation 
can be achieved, since the heat is transferred through the walls rather than to the catalyst 
as in packed-bed reactors. The use of micro-structured reactors with wall-coated catalyst 
rather than conventional packed bed reactors with catalyst pellets minimize the formation of 
hot and cold spots by allowing better quenching of exothermic reactions.42  
 
Catalytic wall-coated micro-structured reactors allow operation at elevated temperatures 
and with reactants at high concentrations for highly exothermic and fast reactions deemed 
too dangerous to perform in conventional reactors. For wall-coated catalytic reactors, 
reaction takes place both in bulk fluid and through the entire coated catalyst layer in the 
channels due to the short diffusion path.  
 
Since hydrodynamic flow patterns in the micro-channels are mainly laminar, no significant 
gradients (temperature and concentrations of the reactants and products) exist in, and 
between, the bulk fluid and the surface.38 This advantage leads to improved reaction rates 
and product space-time yields. Studying the catalyst deactivation and regeneration can be 
much easier and reliable for wall-coated catalyst reactors compared to using a suspended 
catalyst in the liquid for stirred-batch reactors at laboratory scale.  
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The successful use of catalytic wall-coated micro-structured reactors for heterogeneous 
gas/liquid and gas-phase reactions depends largely on mastering the art of incorporating 
the active catalytic phase onto the reactor wall surface, which is mainly constructed from 
stainless steel or a ceramic substrate.39,62,63 The manner in which the catalyst is placed on 
the wall of the reactors is important, and there are a number of aspects that need careful 
consideration when coating the reactor wall with active catalyst material.38 
 
- The first aspect is to achieve adequate mechanical stability of the coating. The 
adhesion between the catalyst and reactor wall, as well as cohesion within the 
catalyst layer, must be sufficiently high so that a blistering of the wall catalyst does 
not take place. 
 
- The second aspect is the control of the coating thickness. This factor can have great 
influence on the hydrodynamic flow patterns inside the micro-channels because of 
blockage and roughness. In addition, it is important for gas/liquid/solid reactions 
where the contact angel of the three phases is critical.61 Normally, irregular coatings 
will result in variation of the liquid flow patterns, especially in reactors such as the 
FFMSR reactor where uniform coating is critical.  
 
- The third aspect is the factor of optimum porosity. High porosity causes a high 
reduction of catalyst mass per unit area, and a porosity that is too low leads to the 
formation of cracks and mass transfer limitations. 
 
1.9 Overview of vanadium phosphate catalyst 
 
Catalysts are of crucial importance to chemical production as they mediate more than 90 % 
of all industrial chemical processes worldwide. They facilitate chemical reactions to proceed 
at a greatly enhanced rate. The impact of catalysis results not only from its capacity to 
facilitate chemical reactions, but also its propensity to improve the selectivity of catalysed 
transformations. Increasing the selectivity reduces by-product formation, resulting in 
chemical processes of superior economic and environmental performance.13-15  
 
Vanadium phosphate (VPO) catalysts possess chemical properties that made it an 
important commercial industrial catalyst for the selective gas-phase oxidation of n-butane or 
1-butene to maleic anhydride.63,64 The real active phase of this catalyst has been a centre of 
debate for almost three decades.65-67 However, the general consensus is that the V+4 phase 
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of vanadyl pyrophosphate, (VO)2P2O7, is the active phase of the catalyst. Other researchers 
have indicated that the combination of the (VO)2P2O7 and some VOPO4 phases are 
responsible for the observed catalytic activity of the catalyst.66,68,69  
 
The method to prepare vanadium phosphate catalysts has been reported to directly 
influence the final structure, hence catalytic performance.70 It was found that the 
VO(H2PO4)2 phase, assumed to be responsible for the presence of the amorphous phase in 
the activated (VO)2P2O7, influences its catalytic activity.70 This phase is soluble in water, and 
therefore a further water reflux step eliminates the VO(H2PO4)2 phase to afford the pure 
VOHPO4·0.5H2O precursor phase.71 Bartley et. al 71 prepared a pure VO(H2PO4)2 phase, 
but the activated catalyst prepared from it showed poor catalytic activity in the gas-phase 
oxidation of n-butane to maleic anhydride.  
 
The VPO catalyst undergoes different phase transformations that make it a complicated 
catalyst to study, particularly the identification of phases that are active or responsible for 
selective oxidation.72 As a result, the catalytic performance of vanadium phosphate depends 
on the stability of its phases, and the electronic structure of the surface that develops during 
the preparation and activation stages. A fundamental knowledge about the chemistry of 
vanadium phosphate’s phase transformations is of key importance. Consequently, a 
combination of spectroscopic techniques is necessary to build up this knowledge. 
 
1.9.1 Phases of vanadium phosphate catalysts 
 
There are several known vanadium phosphate catalyst phases in different formal oxidation 
states, namely: V+5 (α-, β-, γ-, δ-VOPO4 phases), V+4 (pyrophosphate (VO)2P2O7), and V+3 
(monophosphate VPO4).72 The phase (VO)2P2O7 with the ratio V/P = 1 has been assumed 
to be the most important active phase for the observed catalytic performance in the 
oxidation of n-butane to maleic anhydride.64-69 The vanadyl hydrogen phosphate 
hemihydrate (VOPO4·0.5H2O) phase is the precursor for this catalyst. Scheme 9 shows the 
transformation of the (VOPO4·0.5H2O) and VO(H2PO4)2 precursor phases into various 
vanadium phosphate phases under different conditions.71  
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Scheme 9: Synthetic route to various vanadium phosphate phases under different                 
 conditions.71,72 
 
Two properties of VPO catalysts directly influence catalyst performance, namely vanadium 
oxidation state and phosphorus to vanadium ratio. The different VPO oxides differ in the 
vanadium oxidation state (V+5, V+4, V+3), the type of connections of V-O building units 
(corner/edge), and the V to P ratio.73 As a result, different types of surface oxygen sites 
characterize the VPO oxides. At the surfaces of these oxides there are oxygen atoms singly 
coordinated to V or to P (V=O, P=O), doubly coordinated bridging oxygen (V-O-V, V-O-P, P-
O-P), as well as triply coordinated bridging oxygen to two V and one P atoms.68,73 Fig. 1.2 
and 1.3 show the unit cell atom arrangements of the (VO)2P2O7 and VOHPO4∙0.5H2O 
phases, respectively.  
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(a)                                                                           
 
(b) 
 
 
 
 
 
 
 
 
 
 
(c) 
 
Fig. 1.2: Crystallographic structure of vanadium pyrophosphate, (VO)2P2O7, catalyst             
 represented as (a) unit cell space filling, (b) standard ball and stick, (c) rotated        
 standard ball and stick, to visualize different V=O, V-O, V-O-V, V-O-P, P=O and         
 P-O-P bonds. 
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(a) 
 
 
(b) 
 
Fig.1.3: Crystallographic structure of VOHPO4∙0.5H2O precursor, (a) ball and stick,(b)              
 rotated standard ball and stick, to visualize atom arrangement in the unit cell 
 
The V+5 phases, like vanadyl phosphates (α-VOPO4 and β-VOPO4), are built with isolated 
distorted VO6 octahedra connected by a PO4 tetrahedron.74 One single octahedron with a 
short V=O bond is linked to the orthophosphate group in such a way that each equatorial 
oxygen of VO6 shares a corner of one PO4 whereas vanadyl chains run in the perpendicular 
directions (i.e., vanadyl groups in cis positions). The V+4 vanadyl pyrophosphate phase, 
(VO)2P2O7, presents a structure in which two VO6 octahedra are joined by the edges 
(Fig.1.3). Pairs of octahedra are connected by PO4 tetrahedra which give a layer structure in 
the (100) basal plane. The V=O bonds in the octahedral pairs are in trans positions and the 
layers are connected together by pyrophosphate groups. Finally, the V+3 vanadium 
monophosphate phase (VPO4) has an orthorhombic structure in which two VO6 octahedra 
are joined by the edges.71  
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1.9.2 Crystallographic structure of (VO)2P2O7 
 
The bulk vanadyl pyrophosphate, (VO)2P2O7, forms an orthorhombic crystal layer with lattice 
parameters (a = 7.724 Å, b = 16.576 Å and c = 9.573 Å).73 Its unit cell contains 104 atoms, 
16 of them being vanadium, 16 phosphorous, and the rest oxygen atoms. The framework of 
(VO)2P2O7 consists of sheet pairs of edge sharing VO6 with short trans V=O bonds (Fig. 
1.3). These sheets are stacked upon each other to form a double column of a distorted VO6 
chain (V=O-V=O bonds) which is parallel to bent pyrophosphate groups.74 It was found 
experimentally that the oxygen atoms shared by one tetrahedron and two octahedra (triply 
coordinated oxygen site) are the ones directly involved in the oxidation process. Further 
studies suggested that the oxygen atoms shared with the octahedra from the different 
chains (doubly coordinated oxygen centres) and the ones linked to vanadium through the 
V=O short bonds singly coordinated oxygen sites seem to remain nearly unaffected in the 
oxidation process.68  
 
It is generally accepted that the crystal plane parallel to the (100) face of (VO)2P2O7 contains 
the catalyst active site for selective oxidation properties in n-butane to maleic anhydride.70 
The (100) plane of (VO)2P2O7 is topotactically related to the (001) basal plane of the 
VOHPO4·0.5H2O precursor that transforms to the (VO)2P2O7  phase upon high temperature 
treatment in N2 gas or on-stream activation of O2/butane flow. The surface morphologies of 
(VO)2P2O7 catalysts are composed of plate-like crystals, which are arranged into the 
characteristic rosette-shaped clusters.70,74 These plate-like structures are related to 
(VO)2P2O7 platelets that preferentially expose the (100) plane. In general, the surface 
morphology of the (VO)2P2O7 depends on the type of method used for preparation, 
particularly in the method that involves the reduction of the vanadium phosphate dihydrate, 
VOPO4·2H2O to VOHPO4·0.5H2O, where the intercalation alcohol controls the morphology 
of the precursor, and thus the (VO)2P2O7 phase.74 
 
1.9.3 Synthesis of VPO catalysts 
 
There are number of factors that influence catalytic performance of the final activated VPO 
catalyst such as the method of preparation, P/V atomic ratio, the atmosphere and rate of 
heating in the activation step, and the nature of the materials used during chemical 
synthesis.70,74,75 For these reasons, the comparison and interpretation of experimental 
findings presented in the literature is often difficult to comprehend and sometimes even 
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contradictive. However, some reviews are available, providing more insight into the VPO 
catalyst system morphology, crystalline surface area and its catalytic role.66-68  
 
The method to prepare the VPO catalyst is vital in order to yield the desired (VO)2P2O7  
phase. Most recent literature focuses on the reaction between V2O5, H3PO4 and an alcohol, 
and a related reaction of VOPO4·2H2O with an alcohol for the preparation of the 
VOHPO4·0.5H2O precursor70 (Horowitz et al.75 and Johnson et al.76). They explored the 
effect of the P:V molar ratio and the nature of the alcohol to reduce VOPO4·2H2O to the 
VOHPO4·0.5H2O precursor. They showed that the preparation of the VOHPO4·0.5H2O 
precursor is significantly affected by the nature of the alcohol used in refluxing 
VOPO4·2H2O. In a different study, the use of primary and secondary alcohols in reducing 
VOPO4·2H2O to VOHPO4·0.5H2O precursor were compared, and it was found that primary 
alcohols gave rosette-like structures with high surface areas (above 30 m2/g) while 
secondary alcohols afforded platelet-like morphologies with low surface areas.74  
 
Studies by O’Mahony et al.77 proposed a crystallization mechanism of VOHPO4·0.5H2O in 
organic solvents. Their findings firstly proposed that the initial precursor is VOPO4·2H2O 
which is rapidly formed when H3PO4 is reacted with V2O5. Secondly, the formed 
VOPO4·2H2O dihydrate transforms subsequently to a monohydrate which acts as a 
nucleation centre for VOHPO4·0.5H2O crystallization, which grows epitaxially into rosette-
like structures. Hodnett et al.78 also studied the VOHPO4·0.5H2O crystallization process 
using in situ energy dispersion X-ray diffraction and significant insights into this stage of 
catalyst preparation were discovered. Based on the studies by the two groups of Horowitz et 
al.69 and Johnson et al.76, Hutching et al.70 investigated and contrasted the three preparation 
methodologies for VPO catalysts in aqueous solutions, with isobutanol as solvent and 
reductant for V2O5, and finally with isobutanol as reducing agent for the intermediate 
VOPO4·2H2O. 
 
In general, V2O5 is used as a source of vanadium and H3PO4 of phosphorus. The methods 
for preparation of vanadium phosphate so far are classified into three categories: 
 
[1]  Aqueous medium method, HCl as reductant for V2O5 
[2]  Organic medium: isobutanol as solvent and reductant for V2O5 
[3]  Isobutanol as reducing agent for the intermediate VOPO4·2H2O 
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In method [1] using aqueous HCl as reductant, V2O5 is refluxed with hydrochloric acid, and 
the vanadium pentoxide in the oxidation state of V+5 is reduced to V+4. The addition of 
H3PO4 to the solution to make the P:V molar ratio equal to 1.0, and a further reflux of the 
mixture, yields a blue green precursor that comprises mainly of the hemihydrate 
VOHPO4·0.5H2O. However, a significant amount of the VO(H2PO4)2 impurity phase is also 
obtained with this method.  
 
On the other hand, by using an organic solvent, typically an alcohol in place of water 
together with anhydrous HCl, the amount of the VO(H2PO4)2 impurity phase is decreased 
significantly and a more active final catalyst is obtained. When an organic solvent is used as 
solvent and reductant (method [2]), the hemihydrate is produced steadily as precipitate on 
removal of the solvent, while in aqueous HCl no precipitate forms and the solid is only 
obtained on complete solvent removal. This is due to the relative solubility of 
VOHPO4·0.5H2O in the respective reaction media.66 The VO(H2PO4)2 impurity phase 
transforms to VO(PO3)2 and amorphous vanadium phosphate phases on heat treatment 
under N2 flow at 550 oC. Since VO(H2PO4)2 is soluble in water, whereas VOHPO4·0.5H2O is 
insoluble, it can be removed from the catalyst precursors by extraction with hot water. 
 
The isobutanol used in method [3] reduces V+5 to V+4. The reaction of V2O5 with H3PO4 in 
water (method [3]) and the absence of the alcohol leads to the formation of the V5+ dihydrate 
phase, VOPO4·2H2O. The recovered dihydrate by filtration is then refluxed with an alcohol 
to form the VOHPO4·0.5H2O. With primary alcohols, materials with surface areas in the 
range of 20-43 m2/g can be prepared.74 Recently a pure phase of VO(H2PO4)2 was prepared 
by reduction of the VOPO4·2H2O with aldehyde or ketone instead of an alcohol.71 Its 
activated catalyst was confirmed by powder XRD analysis to be amorphous with BET 
surface areas of less than 3 m2/g.71 
 
1.10 Supported vanadium phosphate catalysts 
 
Supported vanadium-based catalysts contain the vanadium phosphate catalyst phase 
deposited on the surface of an oxide support. There are a number of available support 
materials such as aluminium oxide (Al2O3), titanium oxide (TiO2), and silicon oxide (SiO2), to 
name a few that have been used previously. Among the vanadium-based catalysts, 
supported vanadium pentoxide (V2O5) catalysts have been studied and compared to 
vanadium phosphate catalysts.79,80 The driving factor to use supported catalysts stem from 
the high dispersive advantages offered by supported material of the active metal onto the 
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surface of the support. Furthermore, advantages of the supported catalysts include the 
sustainability of the active phase mechanical strength and thermal stability, especially when 
applied in fixed-bed reactors.13 
 
Water is one of the products in oxidation processes and, as a result, its presence and that of 
other polar molecules might modify the structure of the catalyst especially for reactions in 
the liquid-phase.13,81 These changes may alter the ratio of Brønsted to Lewis acid sites, or 
the surface metal oxide structure, hence redox properties of some metals, via surface 
reconstruction on the support.68,80-83  These changes will eventually affect the catalytic 
properties of the catalyst.  
 
In many studies, it was demonstrated that the deposition of vanadium phosphate species 
onto a support material yields intriguing capabilities, and application of different support 
materials could give an insight into the complicated properties of vanadium phosphate 
catalysts.83-85 It was found that when vanadium phosphate catalysts strongly interact with a 
reducible support, such as titania and zirconia, it would become more reducible which 
remarkably enhances the catalytic activity.83 With vanadium phosphate catalysts supported 
on silica, it was found that silica interacts less strongly with the catalyst, enhancing the 
selectivity in the gas-phase oxidation of butane but decreasing conversion.83 The 
concentration of the catalyst on the support can have a significant impact on conversion and 
selectivity behaviour. In many studies, it was found that for supported V2O5 and VPO 
catalysts on -Al2O3, conversion increases with increasing catalyst concentration on the 
support, and selectivity is highly affected at higher catalyst concentrations on the   
support.86-89 
 
1.11 Catalyst deactivation and regeneration  
 
Deactivation of a catalyst is caused mostly by coke formation or poisoning. In most cases, 
the formed organic compounds during reactions lead to fine carbonaceous deposits that are 
generally called coke. Especially when these coke deposits occur at the inlet of the pore of 
a porous catalyst, deactivation may occur rapidly.13,96 Deactivation may also occur due to 
extremely small amounts of contaminants in the feed to the reactor such as sulphur.  
 
The deactivation behaviour of a catalyst has to be tested in long duration experiments with 
the feed under reaction or plant conditions. Usually, for cases of slow deactivation, reactor 
conditions are gradually made more severe by increasing the reaction temperature up to a 
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level where a practical operating limit has been reached. In the oxidation of hydrocarbons 
and alkyl aromatics, polar molecules such as water, alcohols, and carboxylic acids are 
generated that can readily solvolyse the metal-oxygen bonds attaching the catalyst to the 
surface of the support. In redox metal-catalyzed reactions, the oxidation state of the metal 
involved plays an important role. The reducibility and oxidizibility balance of the metal has to 
be maintained to sustain the activity of the catalysts.91-96  
 
Another source of solid catalyst deactivation in liquid-phase oxidation reactions is the rapid 
leaching of the metal. Small amounts of leached metal may have a significant effect on the 
observed catalytic results and lead to wrong interpretations of kinetic rates. Leaching is the 
solvolysis of the metal-oxygen bonds, through which the active metal species is attached to 
the support, by polar molecules such as water, alcohols, acids and other carbonyl 
compounds.91-94 
 
1.12 Research hypothesis and objectives of the study 
 
The main objective of the work described in this thesis is to investigate to what extent the 
heterogeneously-catalysed, liquid-phase oxidation of p-cymene in the presence of oxygen 
(or air) is amenable to micro-structuring. The research hypothesis to be tested is as follows: 
 
Reaction intensification through micro-structuring will significantly increase the 
space-time yield and selectivity of the liquid-phase oxidation of p-cymene when 
using oxygen as oxidant. 
 
In order to be able to test the above hypothesis, a number baseline studies will need to be 
conducted in order to allow direct comparison with traditional processing approaches (i.e. 
stirred batch reactor). These include: 
 
- A detailed evaluation of the reaction performance using a well-stirred batch reactor 
(which mimics the performance of a bubble column reactor normally used for this type 
of oxidation); 
 
- A detailed characterisation and evaluation of the behaviour of the catalyst during 
liquid-phase oxidations (so as to evaluate long-term stability); 
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- An evaluation on the supporting of the catalyst onto an oxide support, both as a “free” 
supported catalyst, as well as anchored onto a solid support such as a stainless steel 
plate (to evaluate potential applicability in a micro-structured device); and 
 
- A detailed evaluation of the oxidation process parameters using a micro-structured 
reactor system. 
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CHAPTER 2 
 
 
Structure and activity of VOHPO4∙0.5H2O and VO(H2PO4)2 derived VPO 
catalysts: Kinetics of catalysed and uncatalyzed oxidations 
 
 
 
 
Abstract 
 
This chapter describe the results obtained for the uncatalyzed and catalysed (using 
vanadium phosphate catalyst prepared from the two different precursors, 
VOHPO4∙0.5H2O and VO(H2PO4)2) oxidation of p-cymene in a well-stirred batch reactor. 
The uncatalyzed p-cymene oxidation reaction displayed slow rates with the reaction taking 
about 5 - 6 h to initiate, even in the presence of an added initiator substance. Typical p-
cymene conversions of up to 15% were obtained after 10 h reaction time for such 
uncatalysed reactions. Vanadium phosphate catalysts improved the oxidation rates of the 
liquid phase oxidation of p-cymene when compared to the equivalent uncatalysed 
reaction, with conversions of up to 40% achieved within a 4 h reaction period. Typical 
tertiary cymene hydroperoxide (TCHP) selectivities obtained varied between 70 – 80%. In 
addition, the chapter involve the comparative kinetic studies of p-cymene and cumene 
oxidation reaction. The temperature dependent structural changes within the catalysts 
were studied by in-situ XRD and TGA-MS. The in-situ XRD showed that the VO(H2PO4)2 
form mainly an amorphous phase at temperature up to 600 oC while above 650 to 750 oC a 
stable VO(PO3)2 phase was obtained. The in-situ XRD studies of the (VO)2P2O7 phase 
derived from VOHPO4∙0.5H2O showed to became more crystalline with increasing 
temperature from 400 to 750 oC. No formation of VOPO4 phases were observed in the 
activated (VO)2P2O7 catalyst even at high temperature under the in-situ XRD conditions. 
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2.1 Introduction 
 
Vanadium phosphate oxides form the basis of an important class of industrial catalysts for 
the gas phase oxidation of C2-C5 hydrocarbons.1-3 These catalysts have been reviewed in a 
number of publications, and there is some confusion about which phase or phases are 
actually catalytically active.4-6 The presence of the vanadyl pyrophosphate phase 
((VO)2P2O7), that contains the V+4 ions, is generally assumed to be important to make these 
catalysts more active. Other studies have indicated the combination of (VO)2P2O7 and 
VOPO4 phases to be responsible for the observed improved catalytic performance.3-7  
 
While the (VO)2P2O7  phase is assumed to be the active catalytic phase, some studies have 
suggested that the participation of both the V+4 and V+5 oxidation states provide the basis for 
this catalyst to operate via the Mars-Krevelen mechanism in the reaction.7-9 Thus, the 
observed gain in n-butane conversion and maleic anhydride selectivity have been attributed 
to the reducibility of the catalyst to V+4 and its subsequent oxidizibility to V+5.9 Apart from the 
above, a number of other factors can influence catalyst performance, such as the 
preparative route, starting material type, detailed phase composition, and reaction 
medium.10-13 The (VO)2P2O7 phase is obtained from the VOHPO4·0.5H2O precursor that is 
transformed under the reaction conditions such as n-butane/O2 flow, or calcination in N2 at 
550 oC.3,13 The purity of the VOHPO4·0.5H2O phase is also one of the critical factors 
affecting the catalytic properties and performance of the activated (VO)2P2O7 catalyst. The 
presence of the VO(H2PO4)2 phase in the VOHPO4·0.5H2O derived material had been 
associated with poor catalytic performance of the activated vanadium phosphate catalyst.14 
The VO(H2PO4)2 phase is soluble in water and can be easily eliminated to produce a pure 
VOHPO4·0.5H2O phase. The pure VO(H2PO4)2 phase had been previously prepared and its 
activated catalyst showed mainly an amorphous phase with trace amounts of the VO(PO3)2 
phase.14 
 
In previous studies, the use of vanadium phosphate based catalysts as potential catalysts to 
catalyse the liquid-phase oxidation of p-cymene in a well-stirred batch reactor have been 
demonstrated.15 As a continuous study on this previous work, the main objective of the 
present work contained in this thesis is to evaluate the feasibility of performing the liquid-
phase oxidation of p-cymene in a continuous flow micro-structured reactor with a reaction 
plate coated with vanadium phosphate catalyst. The approach followed was to first obtain 
an understanding of the behaviour of the vanadium phosphate catalyst phases during 
oxidation reactions of p-cymene in the liquid-phase so as to be able to evaluate and 
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interpret results obtained later in the micro-structured reactor work. For this purpose, the 
present study investigated the changes in phase composition behaviour of VPO catalysts 
prepared from certain precursors by calcination and their activities in p-cymene liquid phase 
oxidation reactions. Of particular interest was the presence of the amorphous and VO(PO3)2 
phases and their catalytic activity during liquid phase oxidation reactions of p-cymene. A 
combination of different analytical techniques has been used to characterize the VPO 
catalysts. In addition to the studies done on the uncatalysed p-cymene oxidation, the 
uncatalysed oxidation of cumene was also investigated because of its close structural 
resemblance to cymene, the relative reactivity of the tertiary C-H bond, and the extensive 
literature on kinetics of cumene oxidation for comparison to cymene.16-21 
 
2.2 Experimental 
2.2.1 Preparation of VOHPO4·0.5H2O and VO(H2PO4)2 precursor 
  
Both VO(H2PO4)2 and VOHPO4·0.5H2O precursors were prepared by using VOPO4·2H2O 
as starting material.12,14 VOPO4·2H2O was prepared by reacting V2O5 (11.8 g; 139 mmol) 
with H3PO4 (85%, 115.5 g; 66 mmol) in distilled water (24 mL/g solid). The mixture was 
stirred under reflux at 120 oC for 8 h. The yellow solid was then recovered by vacuum 
filtration, washed with 100 mL distilled water followed by 100 mL acetone and then air 
dried at 90 oC for 16 h. In the second step, 4 g of VOPO4·2H2O was refluxed for 21 h in 80 
mL of 2-butanone (for VO(H2PO4)2), or isobutanol (for VOHPO4·0.5H2O). The resulting 
solid precipitates of VO(H2PO4)2 and VOHPO4·0.5H2O were filtered, washed with acetone, 
and dried for 16 h at 90 oC. Activation of all the catalysts in this study was performed under 
a nitrogen gas flow for the desired activation period at a particular activation temperature 
depending on the intended investigations 
 
 2.2.2     Characterisation of catalysts 
 
Ambient temperature powder X-ray diffraction (XRD) measurements were obtained by using 
a Bruker D8 instrument with Cu radiation in standard Bragg-Brentano geometry using a Ni 
filter at the detector. The scan range was 5 - 60o 2 at 0.02 steps. In-situ XRD was done on 
a Bruker D8 Advance fitted with an Anton Paar XRK 900 reaction chamber, and operated 
under inert atmosphere conditions by passing N2 gas over the sample. Measurements were 
made in parallel beam geometry, with the diffractometer equipped with a primary beam 
Göbel mirror, a radial Soller slit, a VÅntec-1 detector and using Cu-Kα radiation. The 
resulting diffraction patterns were identified by using the PDF database 22 and their 
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structures refined by Rietveld refinement using Topas V3 23 with structural information 
obtained from the ICSD.24 
 
The surface area of the catalysts were determined by BET nitrogen absorption using a 
Gemini Micromeritics surface area analyser. Samples were first degassed at 170 oC for 2 h 
prior to analysis. 
 
Particle size analysis was done by laser diffraction on a Malvern Mastersizer particle size 
analyzer. TGA analysis was done on a TA Q600, heating the sample from room 
temperature to 800 oC at 10 oC/min under N2 gas. The simultaneous MS analysis of the 
decomposition gases was done using a Pfeifer Thermostar. 
 
Scanning Electron Microscopy (SEM) studies were performed using a JEOL JSM-6380 
model microscope. The powder samples were mounted on the standard specimen stubs 
with the help of an adhesive tape. The samples were coated with a thin layer of gold to 
prevent the charging of the sample.  
 
2.2.4 Batch oxidation procedure 
 
Catalytic testing was performed in a jacketed 500 mL glass batch reactor fitted with two 
baffles and equipped with an impeller stirrer blade. To the glass batch reactor was added 
p-cymene (35 g; 261 mmol), oxidized p-cymene oil (2 g; containing 22.25 mol% cymene 
hydroperoxide) to initiate the reaction and vanadium phosphate catalyst (0.05% m/m 
based on p-cymene substrate used). A reflux condenser was attached to the reactor and 
the mixture was stirred vigorously. The desired reaction temperature was controlled by 
circulating hot oil through the reactor jacket. After equilibration (ca. 10 min), O2 was 
introduced through a gas inlet tube at the top of the reactor at a flow rate of 40 mL/min. 
Samples of the reaction mixture (1 mL) were collected for GC analysis at regular intervals 
and treated with triphenylphosphine (0.02 g; 0.0762 mmol) in methanol (5 mL) to reduce 
the hydroperoxides to the corresponding alcohols. Quantification of the hydroperoxides 
through quantification of the corresponding alcohols was done using the GC method 
described in Table 2.1 
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2.2.5 Oxidation products analysis method 
 
Table 2.1: GC instrument analysis method conditions 
GC model Finnigan GC 
Column Supelco BP50 
FID temperature 300 oC 
Carrier gas N2 
Carrier gas flow 1.0 mL/min 
Injector temperature 250 oC 
Initial column temperature 100 oC 
Initial hold-up time 5 min 
Column ramp rate 10 oC min 
Final column temperature 250 oC 
Final hold-up time 5 min 
Split ratio 1:100 
 
2.3 Results and discussion 
2.3.1 Activation and Characterization of the catalyst  
 
Two types of precursors were used in this study to prepare the bulk vanadium phosphate 
catalysts, namely, VOHPO4·0.5H2O and VO(H2PO4)2 . The synthesis of both precursors was 
from VOPO4·2H2O, formed from V2O5 and H3PO4 in water. A well-stirred batch reactor was 
used for evaluating their catalytic activity in the oxidation of p-cymene. VOHPO4·0.5H2O 
was obtained by reducing VOPO4·2H2O with an alcohol (isobutanol), while VO(H2PO4)2 was 
obtained using a ketone (2-butanone) as reductant instead of the alcohol.  Fig. 2.1 shows 
the XRD pattern of the VOPO4·2H2O prepared from the reaction of V2O5 and 
orthophosphoric acid (H3PO4) in the presence of water. The XRD pattern was found to be in 
agreement with the XRD library reference PDF file JCP2 00-047-0953.23  
 
 
Fig. 2.1: XRD pattern of the VOPO4∙2H2O intermediate 
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The XRD analysis on the two precursors was done to obtain information about the 
structure and purity of the phases present in the samples. Fig. 2.2 shows the XRD 
analysis of the VOHPO4·0.5H2O precursor. The Rietveld refined structure of the 
VOHPO4·0.5H2O structure is in agreement with published data.13 XRD analysis showed 
the presence of the VOHPO4∙0.5H2O phase only. This shows that the preparative method 
used leads to a pure VOHPO4∙0.5H2O phase with no significant changes in the lattice 
parameters or cell volume when compared to the published structures.13  
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Fig. 2.2: XRD pattern of the VOHPO4∙0.5H2O precursor 
 
It is, however, important that the synthesis of the VOHPO4∙0.5H2O precursor in water 
should include a refluxing stage to extract any VO(H2PO4)2 present, since the latter is 
soluble in hot water. The VO(H2PO4)2 phase is believed to be the source of the 
amorphous phase in the final activated (VO)2P2O7 catalyst and is associated with poor 
catalytic performance in the gas-phase oxidation of n-butane to maleic anhydride.14 The 
Rietveld refined XRD pattern of the VO(H2PO4)2 precursor is shown in Fig. 2.3. The 
Rietvield refinement of the XRD shows some poor structural correlations. A possible 
explanation for this may be due to lattice strains because of the thermal treatment of the 
sample. The preferred orientation would also arise from the sample preparation.  
 
 
 
 
 
58 
 
 
  
2Th Degrees
605856545250484644424038363432302826242220181614121086
C
ou
nt
s
1,600
1,500
1,400
1,300
1,200
1,100
1,000
900
800
700
600
500
400
300
200
100
0
-100
-200
-300
-400
-500
-600
-700
VO(H2PO4)2 100.00 %
 
Fig. 2.3:  XRD pattern of the VO(H2PO4)2 precursor 
 
The VO(H2PO4)2 precursor exhibited a lower surface area (0.56 m2/g) when compared to 25 
m2/g for the VOHPO4∙0.5H2O precursor (Table 2.2). The higher surface area of the 
VOHPO4∙0.5H2O precursor can be due to its smaller particle size. Additional differences 
between the two precursors are evident in the SEM morphology pictures (Fig. 2.4a and 
2.4b). The VOHPO4∙0.5H2O precursor shows a rosette-like SEM morphology, while the 
VO(H2PO4)2 precursor appears as cluster-like particles.  
 
Table 2.2: BET surface area and particle size of the VPO precursors 
Catalyst name BET surface area (m2/g) 
Particle size 
*D[4.3] (µm) 
VO(H2PO4)2 precursor 0.53 27.34 
VOHPO4∙0.5H2O precursor 25.0 17.24 
 
*D[4,3] Volume mean diameter 
 
 
(a)                                              
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(b) 
 
Fig. 2.4: SEM morphology pictures of (a) the VO(H2PO4)2 and (b) the VOHPO4·0.5H2O             
 precursor 
 
The VOHPO4·0.5H2O precursor contains water in its crystal structure and it is expected that 
during the thermal activation it will be lost. The structural changes of the two precursors with 
increasing temperature were studied by in-situ XRD and TGA-MS. Fig. 2.5 and 2.6 depicts 
the TGA-MS results of the two precursors, VOHPO4·0.5H2O and VO(H2PO4)2, respectively. 
The TGA-MS analyses were done by the simultaneous recording of the MS ions m/z of the 
evolved gases emanating from the sample with increasing TGA temperature. 
 
 
Fig. 2.5: TGA-MS decomposition curve of the VOHPO4∙0.5H2O precursor 
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Fig. 2.6: TGA-MS decomposition curve of the VO(H2PO4)2 precursor 
 
Only slight differences were observed for the two precursors with increasing temperature. 
Mass spectra of the evolved gas product showed water to be the primary product (Fig. 2.5 
and 2.6, where the characteristic 18 m/z for water is shown). The TGA-MS decomposition 
curve of the VOHPO4·0.5H2O precursor showed a total weight loss of 10.71% while the 
VO(H2PO4)2 precursor displayed a loss of 12.98% The results obtained agree closely with 
the previous reported data by Hannour et al.26 and Johnson et al.27 respectively. The TGA 
values of between 11-12% total weight loss for the VOHPO4∙0.5H2O precursor were 
obtained at different temperatures and exposure times ranging between 3-5 days.27 This 
reported experimental value and the one obtained in the present study, 10.71% for the 
VOHPO4∙0.5H2O precursor are slightly different to the expected theoretical value of 10.48% 
calculated according to the decomposition equation below: 
 
2VOHPO4∙0.5H2O → (VO)2P2O7 + 2H2O 
 
The differences of the experimental and expected theoretical values seems to suggest that 
although the XRD structure confirmed the formation of only VOHPO4∙0.5H2O (Fig. 1b) as 
the solely phase there is a possibility of trace amount of other phases present. These  could 
account to about 0.23% of the total 10.71% weight loss which were not detectable by the 
XRD due to its limited sensitivity detection. Hannour et al.26 obtained a TGA decomposition 
weight loss of 13% for VO(H2PO4)2 precursor phase at temperature of 405 oC which is 
closer to our value, 12.98%. The decomposition pattern of the VO(H2PO4)2 to VO(PO3)2 
catalyst phase can be illustrated by the simple equation below that shows the VO(H2PO4)2 
precursor to posses water probably absorbed on its surface structure: 
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VO(H2PO4)2  VO(PO3)2 +H2O + 1/2O2 
 
2.3.1.1 In-situ XRD of VOHPO4∙0.5H2O and VO(H2PO4)2 phases 
 
Fig. 2.7 and 2.8 show the in-situ XRD results of the VOHPO4∙0.5H2O precursor represented 
as 3D- and 2D-graphs, respectively. The 3D-graph shows a staggered diffraction pattern 
over the entire temperature range between 350 - 750 oC, while the 2D-graph represents 
spectra recorded at specific temperatures. The TGA curve in Fig. 2.5 showed that the 
maximum loss of the intercalated water from the VOHPO4∙0.5H2O structure occurred 
between the temperature ranges of 350-400 oC. At 400 oC, the in-situ XRD patterns showed 
that the VOHPO4∙0.5H2O structure completely collapsed with visible peaks that 
corresponded to the (VO)2P2O7 phase (broad peaks at around 23 o and 29 o 2). A further 
increase in temperature to above 450 oC resulted in the formation of the more crystalline 
(VO)2P2O7 phase where its crystallinity appears to increase as the temperature increases to 
750 oC. Two additional peaks around 18 and 22 o 2 started appearing at about 500 oC and 
became clearly visible at 600 oC. Above 650 oC, these two peaks completely disappear and 
a well crystalline (VO)2P2O7 phase was formed. These peaks probably corresponded to 
some intermediate phase which could not be identified. The in-situ XRD of the (VO)2P2O7 
sample recorded at room temperature after heating to 750 oC showed that only the 
(VO)2P2O7 phase was present, showing that it is stable once cooled to room temperature 
under the in-situ activation conditions. This shows that the (VO)2P2O7 phase is stable once it 
is formed. The Rietveld refinement of the room temperature recorded XRD spectrum 
showed a good agreement with the expected literature structure for (VO)2P2O7 (Fig. 2.9). 
 
 
Fig. 2.7: In-situ XRD temperature studies of the VOHPO4·0.5H2O precursor - 3D 
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Fig. 2.8:  In-situ XRD structural evolution of (VOHPO4∙0.5H2O) to (VO)2P2O7, at different                      
 temperatures - 2D 
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Fig. 2.9: In-situ XRD Rietveld refined structure of calcined (VO)2P2O7 
 
The structure evolution of the VO(H2PO4)2 precursor was also studied under the same in-
situ XRD conditions used as for the VOHPO4∙0.5H2O structure analysis. Fig. 2.10 and 2.11 
show the in-situ XRD results of the VO(H2PO4)2 precursor represented as 3D- and 2D-
graphs, respectively, over the entire temperature range of 350 - 750 oC. The in-situ XRD 
patterns show that between 500 - 600 oC (Fig. 2.11), the structure of the VO(H2PO4)2 
precursor completely collapses resulting in the formation of an amorphous phase. More 
interesting is the formation of the VO(PO3)2 phase at temperatures above 650 oC. The 
VO(PO3)2 phase had been associated in literature with poor catalytic activity performance in 
the gas-phase n-butane oxidation to maleic anhydride. The final phase of the material at 
750 oC was identified to be a mixture of -VO(PO3)2 and VO(PO3)2 phases (Fig. 2.12). The 
tentatively quantified Rietveld refinement of the whole pattern showed the sample to 
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comprise of 79% β-VO(PO3)2 and 21% VO(PO3)2 (Fig. 2.12). Again, the in-situ XRD pattern 
at 750 oC was very similar to the one done subsequently at room temperature, i.e., that 
there was no phase change due to cooling the catalyst material to room temperature.  
 
 
Fig. 2.10: In-situ XRD evolution of the VO(H2PO4)2 precursor - 3D 
 
 
Fig. 2.11: In-situ XRD structural evolution of VO(H2PO4)2 at different temperatures - 2D 
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Fig. 2.12: In-situ XRD Rietveld refined structure of calcined VO(PO3)2 
 
2.3.1.2 Activation of VOHPO4∙0.5H2O and VO(H2PO4)2 precursors 
 
For preparation of the final activated catalysts, the VOHPO4∙0.5H2O precursor was activated 
at 550 oC for 4 h under N2 flow conditions in a tube furnace to (VO)2P2O7 catalyst phase 
(Fig. 2.13) while the VO(H2PO4)2 at 650 oC for 2 h under N2 flow to VO(PO3)2 catalyst (Fig. 
2.14). The activated VO(H2PO4)2 phase showed the typical VO(PO3)2 phase obtained in the 
in-situ XRD (Fig. 2.12). The Rietveld refined structure of the catalyst prepared from the 
VOHPO4∙0.5H2O precursor (Fig. 2.13) shows the presence of only the (VO)2P2O7 phase 
(reflections at 22.8, 28.4 and 29.8o 2, corresponding to the planes (200), (024) and (032)), 
with no indication of the presence of any VOPO4.  
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Fig. 2.13: XRD analysis of the calcined VOHPO4∙0.5H2O precursor that changes to the          
 (VO)2P2O7 catalyst 
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Fig. 2.14: XRD analysis of the calcined VO(H2PO4)2 precursor that changes to the VO(PO3)2   
 Catalyst 
 
The high intensity of the (200) line at 22.8o (2) in Fig 2.13 is typical of this catalyst and 
corresponds to crystals of (VO)2P2O7 with thin platelets in the (100) direction and with high 
development of the basal (100) face. The BET surface area and particle size data of the 
two activated catalysts are reported in Table 2.3. The (VO)2P2O7 catalyst exhibited the 
higher surface area of 36.34 m2/g when compared to 0.74 m2/g of the VO(PO3)2 catalyst 
derived from the VO(H2PO4)2 precursor. 
 
Table 2.3: BET surface area and particle size of the activated VPO catalysts 
Catalyst name BET surface area (m2/g) 
Particle size 
*D[4.3] (µm) 
 VO(PO3)2  0.74 7.83 
 (VO)2P2O7    36.34 3.95 
*D[4,3] Volume mean diameter 
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2.3.2 Oxidations and catalytic testing in batch reactor 
2.3.2.1 Non-catalysed oxidations of p-cymene and cumene 
 
The non-catalytic oxidations of p-cymene and cumene in the absence and presence of 
initiator substance were performed in order to establish the base performance of the 
oxidation reaction since some catalytic contributions from the reactor components such as 
the internal glass reactor surface and the stainless steel impeller blade may occur. Fig. 
2.15 shows a comparison of the results of the uncatalysed cumene oxidation done with 
purified cumene in the absence of initiator to equivalent oxidations carried out with a small 
amount of previously oxidised cumene oil (0.09 mol/L) added as initiator.  
 
The results clearly showed initiation rates are slow in the absence of initiator. In the absence 
of initiator and catalyst, chain initiation most probably proceeds according to the reactions 
depicted by equations [1.1] and [1.2] (Chapter 1). The direct generation of free radicals from 
C-H bonds in the absence of initiator is quite slow due to the high activation energy required 
to break the C-H bond. In the presence of added cumene hydroperoxide as initiator, initial 
free radical formation occurs via the decomposition of the initiator according to equations 
[1.3] and [1.4] (Chapter 1). The latter processes are much more facile, hence ignition 
periods are substantially reduced, and oxidation rates improved (Fig. 2.15a). Cumene 
conversions of about 33% was achieved after 8 h in the presence of initiator compared to 
only about 10% in the absence of initiator for the same reaction time. The cymene 
hydroperoxide (CHP) selectivity of above 95% was maintained up to conversions of 20%. 
Above 25% conversion, there was a rapid drop of the CHP selectivity. 
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Fig. 2.15:  Comparison of non-catalysed cumene oxidation rates: (a) Conversion rates and;           
 (b) CHP selectivity. Symbols: (♦) uncatalysed reaction without added initiator and            
 (□) non-catalysed with 0.09 mol/L initiator. Other conditions: cumene (35 g),                 
 agitation rate (2000 rpm), O2 flow rate (40 mL/min) and 120 oC.   
 
Similarly, uncatalysed p-cymene oxidation experiments were also done in a well-stirred 
batch reactor, namely with purified p-cymene in the absence of initiator, and with 0.09 mol/L 
of oxidised cymene oil as initiator. Fig. 2.16a shows a comparison of the results. In the 
absence of initiator, slow oxidation rates were observed with only about 8% conversion 
obtained after a 10 h reaction period. However, when a small amount of the previously 
oxidised cymene oil was added as initiator substance, a slight improvement in the oxidation 
rate was observed with about 18% conversion achieved in 10 h. The non-catalysed reaction 
in the presence of 0.09 mol/L initiator showed a slight improvement in the TCHP selectivity 
when compared to the blank oxidation reaction (Fig. 2.16b). 
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Fig. 2.16: Comparison of un-catalysed p-cymene oxidation reactions: (a) Conversion vs         
 time; (b)TCHP selectivity. (Symbols: () = Un-catalysed reaction without initiator; 
 and (□) = Un-catalysed reaction with 0.09 mol/L oxidised cymene oil as initiator.      
 Other conditions: p-cymene (35g); agitation rate (2000 rpm); O2 flow rate (40            
 ml/min); temperature (120oC). 
 
2.3.2.2 Catalysed p-cymene oxidation  
 
The liquid-phase oxidation of p-cymene were studied in the presence of two different VPO 
catalysts, namely (VO)2P2O7 and VO(PO3)2 derived from the two different precursors as 
discussed previously.  
 
Fig. 2.17 shows the comparison results of the p-cymene catalysed reactions by (VO)2P2O7 
and VO(PO3)2 catalysts. Both catalysts showed improved p-cymene oxidation reaction 
rates resulting in conversions of more than 30% in about a 4 h reaction period. These 
conversions are also significantly better than the typical 15–20% conversions for 
industrial-scale oxidations and in significantly shorter reaction times (4 h as compared to 
8–12 h). Surprisingly, the VO(PO3)2 catalyst obtained from the VO(H2PO4)2 precursor, 
which is usually associated with poor catalytic performance during gas-phase oxidations, 
also showed substantial catalytic activity during the liquid-phase oxidation of p-cymene. 
However, the TCHP selectivity obtained in the presence of VO(PO3)2 is somewhat lower 
compared to when (VO)2P2O7 is used as catalyst (Fig. 2.17b). Furthermore, (VO)2P2O7 
showed slightly better oxidation rates than (VO(PO3)2) as illustrated in Fig. 2.17a.  
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Fig. 2.17: Comparison of (VO)2P2O7  and VO(PO3)2  as catalysts in the oxidation of p-cymene, 
 (a)conversion rates and (b) TCHP selectivity. Symbols: (□) VO(PO3)2  and (♦)           
 (VO)2P2O7. Other conditions: p-cymene (35 g), initiator (2 g; containing 22.25 mol% 
 cymene hydroperoxide), agitation rate (2000 rpm), O2 flow rate (40 mL/min),             
 catalyst amount (0.0175 g) and 100 oC.   
 
The higher activity and better selectivity towards TCHP observed in oxidation reactions 
catalysed by (VO)2P2O7 as compared to reactions catalysed by VO(PO3)2 can probably be 
related to the higher surface area (36.95 m2/g) of (VO)2P2O7 as compared to 0.74 m2/g for 
VO(PO3)2. Previous work15 suggested that (VO)2P2O7 plays a direct role in the generation 
of R• radicals from R-H based on the observed reduction in inhibition periods for reactions 
carried out in the presence of (VO)2P2O7 and where hydroperoxides have been 
deliberately removed from the cymene substrate as compared to comparative reactions in 
the absence of catalyst (Fig. 2.18).  
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Fig. 2.18: Comparison of catalysed and un-catalysed p-cymene oxidation rates  
 
These results have been interpreted in terms of specific catalytic sites on the (VO)2P2O7 
catalyst with unique catalytic properties that play a role in the improvement of both the 
oxidation activity through improved radical chain initiation, as well as the selectivity 
towards TCHP. Scheme 1 shows one possible way in which the catalyst could participate 
in direct chain initiation.11 
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Scheme 2.1: Mechanism showing the catalyst participation in direct chain initiation of the 
autoxidation reactions. 
 
The metal interact with dioxygen to form an intermediate metal peroxy radical, which then 
interacts with the organic substrate form hydroperoxide.  
 
From the comparison of the catalytic behaviours of (VO)2P2O7 and VO(PO3)2 it would 
therefore appear that the ability to promote chain initiation during the liquid-phase 
oxidation of p-cymene is not only restricted to (VO)2P2O7, since VO(PO3)2 is capable of 
significantly improving oxidation initiation in a manner similar to (VO)2P2O7. 
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2.3.2.2.1 Effect of stirring rate on catalysed p-cymene 
 
In order to investigate whether the liquid-phase oxidation reaction, as performed in the 
well-stirred batch reactor in our laboratories, showed any mass transfer limitations, the 
effect of the stirring rate on p-cymene oxidation rates were investigated by using the 
(VO)2P2O7/-Al2O3 supported catalyst (11 wt% of the (VO)2P2O7 used relative to the mass 
of -Al2O3) and measuring the conversion of p-cymene during a fixed reaction period. The 
details of the preparation method and activation of the vanadium phosphate supported 
catalyst is discussed in chapter 3 (section 3.2.1.1). It was important to use the supported 
catalyst than the pure (VO)2P2O7 catalyst to investigate the external mass transfer and 
temperature effect on the oxidation rates since it represent the type of catalyst that will be 
used in the micro-flow reactor system at the later stage. The stirrer speed range chosen 
was between 250 and 2000 rpm to establish the speed at which the mass transfer effect, 
if present, can be considered negligible. The results obtained are illustrated graphically in 
Fig. 2.19.  
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Fig. 2.19: Effect of stirrer speed on reaction rate during the oxidation of p-cymene.              
 conditions of each batch reaction cycle: reaction time 3 h, p-cymene (35 g),             
 initiator (2 g; containing 22.25  mol% cymene hydroperoxide), agitation rate             
 (2000 rpm), O2 flow rate (40 mL/min),catalyst amount (0.0175 g) and 120 oC.   
 
The observed trend clearly shows that below stirrer speeds of approximately 1000 rpm, 
the reaction rate varies significantly with varying stirrer speeds. In this region, the reaction 
rate is clearly mass transfer limited, probably because of a diminished gas/liquid interfacial 
area as the slow stirrer speeds cannot break up the gas bubbles into sufficiently small 
bubbles, nor disperse such bubbles effectively throughout the reaction mixture. At stirrer 
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speeds above approximately 1000 rpm, the reaction rate becomes virtually independent of 
stirrer speed; hence, in this region the reaction rate is purely kinetically controlled.  
 
2.3.2.2.2 Effect of temperature on catalysed p-cymene 
  
Temperature is one of the significant variables that can be manipulated in order to 
improve reaction rates. Reaction temperature not only affects the available energy to 
activate reactions, but can also influence mass transfer (e.g. from gas to liquid) and the 
stability and selectivity of intermediate and final products. In the present case for example, 
higher temperatures will facilitate the thermal decomposition of the cymene hydroperoxide 
to by-products as shown in reaction Scheme 2 below.  
 
 
 Scheme 2:  Reaction pathway for liquid phase oxidation of p-cymene 
 
In order to study the effect of temperature on p-cymene oxidation rates, four different 
temperatures were investigated, namely 80, 100, 120 and 140 oC during the catalysed 
oxidation of p-cymene. The (VO)2P2O7/-Al2O3supported catalyst was used as the reaction 
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catalyst. During these experiments, both the conversion of p-cymene as well as the TCHP 
selectivity was monitored. The results obtained are summarised in Table 2.4 and 2.5, also 
illustrated graphically in Fig. 2.20.  
 
Table 2.4: Effect of temperature on p-cymene oxidation 
Time 
(min) 
Cymene consumption rate (mol %) Cymene conversion (mol %) 
80 oC 100 oC 120 oC 140 oC 80 oC 100 oC 120 oC 140 oC 
0 100.0 100.0 100.0 100.0 0.0 0.0 0.0 0 
60 98.9 95.7 92.9 86.2 1.1 4.3 7.1 13.8 
90 97.3 91.9 87.5 81.1 2.7 8.1 12.5 18.9 
120 93.4 87.4 82.9 76.9 6.6 12.6 17.1 23.1 
150 89.5 81.7 76.8 71.4 10.5 18.3 23.2 28.6 
180 83.7 75.2 70.9 65.3 16.3 24.8 29.1 34.7 
 
 
Table 2.5:  Effect of temperature on TCHP selectivity 
Time 
(min) 
Cymene conversion (mol %) * TCHP selectivity (mol %) 
 80 oC 100 oC 120 oC 140 oC 80 oC 100 oC 120 oC 
140 
oC 
0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 
60 1.1 4.3 7.1 13.8 98.0 95.5 91.4 86.0 
90 2.7 8.1 12.5 18.9 95.8 92.3 86.7 80.9 
120 6.6 12.6 17.1 23.1 94.0 89.6 82.4 78.5 
150 10.5 18.3 23.2 28.6 91.2 85.3 79.0 75.4 
180 16.3 24.8 29.1 34.7 88.2 83.6 77.3 72.8 
 
* TCHP = Tertiary cymene hydroperoxide 
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Fig. 2.20: The effect of reaction temperature on (a) cymene conversion, and (b) TCHP           
 selectivity for different reaction temperatures. Symbols: (■) 80 oC, (□) 100 oC, (▲)        
 120 oC and  (∆) 140 oC. Other conditions: p-cymene (35 g), initiator (2 g; Containing 
 22.25 mol% cymene hydroperoxide), catalyst amount (0.0175 g) agitation (2000 rpm) 
 and O2 flow rate (40 mL/min).   
 
The results obtained clearly show that higher reaction temperatures lead to higher p-
cymene oxidation rates and conversion rates. At 140 oC, a conversion of ca. 35% was 
achieved within the 3 h reaction period, while at a reaction temperature of 80 oC, a 
conversion of only ca. 15% was observed after 3 h. However, at high reaction temperatures, 
selectivity to TCHP decreases significantly (Fig. 2.20b, Table 2.5). This observation can be 
explained in terms of the higher rate of TCHP decomposition (probably catalysed by the 
catalyst system) at these higher reaction temperatures. At substrate conversion below 10% 
reaction temperatures of 80, 100 and 120 oC showed closely related TCHP selectivity while 
above 10% conversion a clear difference in their TCHP selectivity was (Fig. 2.20b). This 
observation implies that achieving acceptable product selectivity at reasonable levels of 
substrate conversion will need to be a compromise between the desired rate of oxidation 
and the desired reaction selectivity. From the results depicted in Fig 2.20a and 20b, the 
reaction temperature between 100 and 120 oC would, at present, appear to give both 
acceptable reaction rates and selectivity towards TCHP in a typical well-stirred batch 
reactor.  
 
2.3.2.3 Kinetic considerations of p-cymene and cumene autoxidations 
 
The autoxidation of hydrocarbons such as cumene and p-cymene proceeds via a radical 
chain mechanism that involves a large number of radical and molecular species.1,16-22 The 
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complexity of this reacting species makes difficult to accurately evaluate the individual 
values of the kinetic constants by direct fitting of model results against experiment data, 
because of the inability of measuring the concentration of the radical species. In order to 
overcome these complications, the common approach is to put together the detailed 
mechanism into a set of typical reactions that involve only the molecular species, whose 
concentrations can be practically measured as a function of time.16-22 By accounting these 
measurable concentrations of the molecular species, the kinetic model can be proposed 
that will describe the radical chain reactions for the consumption of substrate and formation 
of products. As mention earlier, in order to be able to establish the kinetic model to evaluate 
the obtained experimental p-cymene oxidation results the well-studied cumene kinetic 
model was used. 
 
In general, the approach to developing kinetic expressions for catalysed (and non-
catalysed) autoxidation reactions is to consider the three main parts of the free-radical chain 
process, namely chain initiation, chain propagation, and chain termination. Hattori et al.20 
proposed a reaction network (Eqn.s 2.1 – 2.8) for the non-catalysed autoxidation of 
cumene. In the presence of an added initiator such as a hydroperoxide, chain initiation is 
essentially by thermal decomposition of the added hydroperoxide (Eqn. 2.1). 
 
OH RO1
k
ROOH   [2.1]  
 
The initially formed radicals react with the substrate, RH, according to Eqn’s. [2.2] and [2.3]. 
  RROH2
k
RHRO  [2.2]  
O2HR  
3k   RHHO    ][2.3   
 
In the presence of sufficient oxygen concentrations, the trapping of R• radicals (Eqn. 2.4) is 
virtually instantaneous so that RO2
• >> R•. 
 
     
2
RO   4
k
   
2
O    R    [2.4]  
 
Hydroperoxide radicals so formed react with more substrate (R-H) to generate more R• 
radicals (Eqn 2.5).  
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The main termination reactions can be summarized as shown in Eqn’s. [2. 6] – [2.8]. 
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Normally the kinetic schemes for such liquid phase oxidations are even more complex than 
indicated above and lead to complex kinetic rate expressions.16-21 For example, 
Bhattacharya et al.22 proposed a series of 14 elementary reactions for the overall reaction 
network of cumene autoxidation (Eqn’s [2.9] – [2.22]. 
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Writing the equations for the accumulation of radicals and equating to zero to invoke a semi-
steady state eventually leads to the following rate equations for the consumption/production 
of the various reactant or product species (Eqn’s 2.23 – 2.29). 
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The key to the successful modelling of such a complex scheme lies in the correct 
assignment of values to a large number of kinetic parameters (thirteen in total for a single 
reaction temperature). While this is certainly not impossible, it was not the aim of this work 
to make a detailed study of autoxidation reaction kinetics. The aim, rather, was to be able to 
provide a reasonable estimate of autoxidation performance so as to be able to evaluate the 
effect of micro-structuring on the autoxidation process of p-cymene. 
 
A convenient simplification would be to combine several rate constants together instead of 
using all the individual rate constant values. This has been the approach of Hattori et al.20 
who, following several simplifying assumptions, proposed two rate equations for cumene 
consumption (Eqn. 2.30) and cumene hydroperoxide formation (CHP) (Eqn. 2.31).  
 
[ROOH]12k[ROOH]K[RH]dt
d[RH]
  [2.30] 
 
[ROOH]1k[ROOH]K[RH]dt
d[CHP]
   [2.31] 
 
In the above equations, K is defined as the “effective”, or overall rate constant, given by 
equation [2.11]: 
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By using the above rate equations and the values of K and k1 as reported by Bhattacharya 
et al.22, a fairly good comparison of predicted and experimental results of cumene 
consumption and cumene hydroperoxide formation as a function of reaction time at 120 oC 
in a well-stirred batch reactor was obtained. As can be seen in Fig. 2.21, the experimental 
results fitted well with the model predicted cumene consumption and cumene hydroperoxide 
formation values reported by Hattori et al.22 
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Fig. 2.21 Comparison of experimental and predicted cumene consumption and cumene          
 hydroperoxide formation. Symbols: (♦) Experimental cumene, () Experimental            
 cumene hydroperoxide and () model predicted. 
 
From the preceding discussions on the autoxidation of cumene it should be obvious that the 
kinetic scheme for p-cymene will be considerably more complex in view of the possibility of 
oxidation happening on the methyl group of p-cymene. In effect, each of the elementary 
reaction steps written for the oxidation of the isopropyl group can also be written for the 
methyl group. This would result in an even more complex set of kinetic parameters to be 
solved simultaneously.  
 
The simplified model for cumene autoxidation reported by Hattori et al.22, was used to 
develop a simplified model to describe the oxidation of p-cymene as well. In developing this 
model, we made a first assumption that the rate of initiation, by thermal decomposition of 
the tertiary-cymene hydroperoxide, will not be significantly different from the rate of cumene 
hydroperoxide decomposition. Thus, as a first approximation the value of the rate constant 
k1 (Eqn’s 2.9 and 2.10) was assumed to be the same for both cumene and p-cymene 
oxidation systems. 
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The second assumption that was made was that the contribution of the methyl group in p-
cymene to: (a) Additional elementary reaction steps leading to the consumption of p-
cymene; and (b) The rate of oxidation of the isopropyl group, can be lumped together in the 
overall rate constant K (Eqn’s 2.9 and 2.10). Having made these simplifying assumptions, 
and using the Arrhenius parameters for the rate constant k1 as reported by Bhattacharya et 
al.22, values for the overall rate constant K for p-cymene oxidation was estimated by 
regression and minimising the sum of error squares during these regressions. Fig.’s 2.22 – 
2.25 show the results of these fits for four different reaction temperatures. 
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Fig 2.22:  Comparison of the kinetic model predicted and experimental results at 80 oC of  
 p-cymene. 
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Fig 2.23:  Comparison of the kinetic model predicted and experimental results at 100 oC of  
 p-cymene. 
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Fig 2.24:  Comparison of the kinetic model predicted and experimental results at 120 oC of  
 p-cymene. 
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Fig 2.25:  Comparison of the kinetic model predicted and experimental results at 140 oC of  
 p-cymene. 
 
Table 2.6 lists the values of K estimated from the above regressions, as well as the values 
of k1. Fig.’s 2.26 and 2.27 shows the Arrhenius plots for K and k1 respectively. 
Table 2.6: Estimated and calculated values of K and k1 
Temp (oC) K k1 
80 0.035 0.5 
100 0.054 0.75 
120 0.071 1.02 
140 0.095 1.5 
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Fig. 2.26: Plot of ln K vs. 1/T 
 
 
Fig. 2.27: Plot of ln k1 vs 1/T 
 
Fig.’s 2.22 – 2.25 shows that the simplified kinetic model for cumene autoxidation as 
proposed by Hattori et al.21 can also be used to describe the autoxidation of p-cymene, 
despite the significantly more complex reaction scheme for p-cymene. The estimated value 
for the “overall” rate constant (K) for p-cymene (0.071 s-1) compares very favourably with the 
values reported for cumene by Hattori et al.21 (0.09 s-1) and Bhattacharya et al.22 (0.08 s-1). 
The lower value for K for p-cymene is in agreement with the observed lower oxidation rate 
of p-cymene as compared to cumene. The values estimated for K for p-cymene 
autoxidation and shows typical Arrhenius behaviour (Fig. 2.26) with: 
 
Ea = 19.87946 kJ.mol-1; and 
 
A = 31.18696 min-1 
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2.4 Concluding remarks 
 
The results described in this section showed that the activated vanadium phosphate 
catalysts prepared from VOHPO4∙0.5H2O and VO(H2PO4)2 precursors resulted in 
improved oxidation rates for the liquid-phase oxidation of p-cymene in a well-stirred batch 
reactor when compared to traditional industrial-scale autoxidation process. Typical 
substrate conversions of above 30% were achieved in 3 - 4 h reaction times. The 
(VO)2P2O7 catalyst derived from the VOHPO4∙0.5H2O precursor gave better selectivity 
when compared to the VO(PO3)2 catalyst derived from VO(H2PO4)2. These observations 
suggest that the presence of the VO(H2PO4)2 phase in the VOHPO4∙0.5H2O precursor or 
VO(PO3)2 in the activated (VO)2P2O7 catalyst, do not influence the activity of the 
(VO)2P2O7 catalyst for the liquid-phase oxidation of p-cymene to the same extent as 
reported for gas-phase oxidations of alkanes. Note should; however, be taken of the 
somewhat reduced TCHP selectivity when this phase is used. Based on the above 
results, the VOHPO4∙0.5H2O precursor giving (VO)2P2O7 phase was chosen for further 
studies as the preferred catalyst for coating onto stainless steel in order to be used in the 
wall-coated micro-structured reactor (Chapter 3 and 4). Finally, the results obtained for the 
non-catalysed cumene oxidation were evaluated using a simplified kinetic model as 
previously reported in literature. These results of the model for cumene gave reasonably 
good predicted observations for p-cymene consumption and p-cymene hydroperoxide 
formation. The estimated K values at different reaction temperatures show typical Arrhenius 
behaviour, which allows estimation of K-values for different temperatures. 
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CHAPTER 3 
 
 
Activity and structure of stainless steel coated (VO)2P2O7 catalyst in p-cymene 
oxidation: Long-term catalytic effect studies 
 
 
 
 
Abstract 
 
In this chapter, the results of oxidation reactions carried out in the presence of the 
(VO)2P2O7 catalyst, coated onto a stainless support in order to simulate the catalyst 
exposure in a continuous falling film micro-structured reactor, is described. The structure, 
activity and deactivation of the (VO)2P2O7 catalyst coated onto stainless steel was studied 
during liquid phase oxidation reactions of p-cymene and characterized by XRD, TGA-MS 
and SEM techniques. Catalytic testing of the stainless steel coated catalyst showed 
improved p-cymene oxidation rates compared to the uncatalysed reaction. The results 
showed that the stainless steel coated catalyst displayed a slow, yet significant 
deactivation over extended reaction periods of up to 250 h of on-stream testing. 
Comparable selectivity to the “free powder” unsupported, and -Al2O3 supported 
(VO)2P2O7 catalysts, was obtained towards tertiary cymene hydroperoxide (TCHP - 70-
80% at p-cymene conversions of 25-40%) with the stainless steel coated catalyst. The 
activity of the stainless steel catalyst was only partially restored by calcination at 500 oC 
for 4 h, thereafter it showed a rapid activity drop in further catalytic testing. The results of 
XRD, TGA-MS and SEM structure analysis of the exposed (VO)2P2O7 catalyst to p-
cymene oxidation conditions for 75 h showed that the (VO)2P2O7 catalyst is converted 
back to its precursor, VOHPO4∙0.5H2O during the oxidation reaction. 
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3.1 Introduction 
 
In the previous chapter the results of the liquid-phase oxidation of p-cymene in the presence 
of vanadium phosphate catalysts was reported. These results showed a significant 
improvement in p-cymene oxidation rates, together with an increase in selectivity towards 
tertiary cymene hydroperoxide (TCHP). These studies were, however, carried out in a batch 
fashion in a well-stirred batch reactor and gave no information regarding the long-term use 
of such catalysts in a continuous oxidation process such as that envisaged in a falling film 
micro-structured reactor (FFMSR). Thus, while the use of vanadium phosphate catalysts as 
heterogeneous catalysts appear to improve both the slow rates and selectivity of the p-
cymene oxidation reaction, the successful application of these catalysts in a continuous 
processing environment must still be confirmed since the use of metal oxides as “true” 
heterogeneous catalysts for liquid-phase oxidation reactions have been restricted due to 
tendency of the metal ions leaching from the solid by solvolytic processes.1 
 
It is known from the study of vanadium phosphate oxides (VPO) catalysts, particularly 
vanadyl pyrophosphate, (VO)2P2O7, in the gas phase oxidation of C2-C5 hydrocarbons,6-10 
that the VPO catalyst comprises a number of different phases that complicate the 
understanding of its catalytic properties.11-14 Apart from this, there is very little known 
regarding the use of these catalysts in liquid-phase oxidation reactions, such as the liquid-
phase oxidation of p-cymene.15-20 As example, while studies during gas phase oxidation 
reactions reported that the structure of the (VO)2P2O7 phase remained unchanged apart 
from the formation of small amounts of the VOPO4 phase, 20,21 no information on possible 
structural changes are known for liquid-phase oxidation reactions.  
 
The concept of catalyst coating onto materials such as stainless steel and ceramic supports 
dates back to their application in automotive catalytic converters known as monolith or 
honeycomb reactors.26 However, the successes of monolith reactors for gas-phase 
reactions have not been successful for gas/liquid/solid multiphase reactions. Recent 
developments in wall-coated reactors for multiphase gas/liquid reactions require a better 
understanding of the long term effect of the reaction media on the behaviour of solid 
heterogeneous catalyst. A number of studies investigated the methods of incorporating 
catalyst materials onto stainless steel and ceramic substrates.26-31 The activation conditions 
of the catalyst incorporated onto these support substrates is critical and has to be carefully 
optimised to avoid any possible structural changes of the active phase during thermal 
treatment.31 The wall-coated catalyst reactors described here presents a new approach for 
 
 
 
 
88 
 
 
screening catalyst activity and possible deactivation behaviour and regeneration at the 
laboratory scale. This is especially important for possible further applications in typical wall-
coated continuous flow micro-structured reactors and monolith reactors.26,32 The method 
proposed by Zapf et al. 31 was used in this work to initially incorporate the (VO)2P2O7 catalyst 
onto a stainless steel support plate in order to investigate the long term catalytic 
performance of the catalyst and its structural behaviour during the liquid phase oxidation of 
p-cymene using a well-stirred batch reactor. 
 
3.2  Experimental 
3.2.1 Catalyst preparation  
3.2.1.1 (VO)2P2O7/-Al2O3 supported catalyst 
 
-Al2O3 supported VPO catalysts were prepared by two different methods. The precursor, 
VOHPO4·0.5H2O prepared as described in section 2.2.1 (Chapter 2) was activated to the 
(VO)2P2O7 phase (at 500 oC under N2 for 10 h) followed by impregnation onto the -Al2O3 
support, followed by further calcination at 500 oC for 4 h. In the second method, the 
VOHPO4·0.5H2O precursor was first impregnated onto the -Al2O3 support and then 
activated under N2 flow at 500 oC for 4 h. Impregnation was achieved by adding 20 g -Al2O3 
(Alfa-Aesar, 3 m), 5 g binder poly(vinyl alcohol) 50 - 88 (Fluka) and either VOHPO4·0.5H2O 
or (VO)2P2O7 into 75 g deionised water and stirring at 60 oC for 2 h. The resultant slurries 
were filtered and air dried at 110 oC before activating in a stream of N2 at 500 oC for 4 h. The 
amount of VOHPO4·0.5H2O or (VO)2P2O7 used during the above procedure were 3, 7, 11, 
14 and 21 wt% (relative to the mass of -Al2O3) and the catalysts so prepared were denoted 
as VP3Al, VP7Al, VP11Al, VP14Al, and VP21Al according to the amount of the catalyst 
used in the coating mixture.  
 
3.2.1.2 (VO)2P2O7/-Al2O3 supported catalyst on stainless steel  
 
The wash coat method proposed by Zapf et al.31 was used to coat -Al2O3 onto stainless 
steel. A wash coat suspension consisting of 20 g of -Al2O3 (3 µm, Alfa Aesar, USA), 75 g of 
deionised water, 5 g of binder poly(vinyl alcohol) 50 - 88 (Fluka) and 1 g of acetic acid was 
prepared. First, the binder was dissolved in water and the mixture stirred at 60 oC for 2 h, 
then left overnight without stirring. Subsequently, -Al2O3 and acetic acid were added with 
further stirring of the mixture and left for 1 - 3 days for the release of air bubbles. Before the 
coating, the plate was cleaned with isopropanol in an ultrasonic bath, and after drying, 
calcined at 800 oC for 2 h. It is expected that the good adhesion is caused by the thermal 
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pre-treatment which improves the surface roughness of the plate. The -Al2O3 suspension 
was coated onto stainless steel plate by dipping the plate into the slurry for 30 min before 
removing the plate slowly to obtain  a uniform coating. The excess wash coat was wiped off 
using a flat spatula, after which the coated plate was dried in air at 100 oC for 1 h and then 
calcined at 600 oC for 2 h. The obtained stainless steel plate coated catalyst was denoted 
SS-VP11Al. 
 
A catalyst-containing slurry was prepared by adding (VO)2P2O7 catalyst (5 g), binder 
poly(vinyl alcohol) 50 - 88 (0.25 g) and acetic acid (0.05 g) into deionised water (44.7 g) and 
stirred for 4 h at 60 oC. The plate containing the final wash coat was then immersed into the 
catalyst slurry solution for 30 minutes, allowed to air dry at room temperature, and calcined 
at 500 oC under a N2 flow for 4 h. Fig. 3.1 shows a picture of a typical -Al2O3 coated and an 
uncoated stainless steel flat plate. 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 3.1: Picture of uncoated and -Al2O3 coated stainless steel plates  
 
 
 
 
 
 
 
 
 Coated Uncoated
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3.2.2 Characterization of catalyst  
 
Powder X-ray diffraction (XRD) measurements were obtained by using a Bruker D8 with Cu 
radiation in standard Bragg-Brentano geometry using a Ni filter at the detector. The scan 
range was 5 - 60o 2 at 0.02 steps. In-situ XRD was done on a Brucker D8 Advance fitted 
with an Anton Paar inert atmosphere temperature controlled chamber. The analysis was 
done under N2 gas in standard Bragg-Brentano geometry with a position sensitive detector. 
The resulting diffraction patterns were identified by using the PDF database 33 and their 
structures refined by Rietveld refinement using Topas V3 34 with structural information 
obtained from ICDD.35 
 
Particle size analysis was done by laser diffraction on a Malvern Mastersizer particle size 
analyzer.  
The surface area of the catalysts samples were determined by BET nitrogen absorption 
using a Gemini Micromeritics surface area analyser. Samples were first degassed at 170 oC 
for 2 h prior to analysis. 
 
TGA analysis was done on a TA Q600 by heating the sample from room temperature to 800 
oC at 10 oC/min under N2 gas. The simultaneous MS analysis of the decomposition gases 
was done using a Pfeifer Thermostar. 
 
The elemental analysis was done using ICP-OES model - Varian 715-ES. Samples after 
evaporation of the organic solution were diluted in aqueous 4:1 HNO3 and HCl solution. 
 
A Spex Triplemate laser Raman spectrometer was coupled to a cryogenic charge coupled 
detector (Princeton Instruments model LN/CCD). The laser source was a Spectra-Physics 
model 164 Argon ion laser operating at 514.5 nm. Spectra were obtained by using a laser 
power of 40 mW at the source. The intensity of the incident laser beam on the sample was 
approximately 40% of the source power. Data acquisition was for 3 min.  
 
Scanning Electron Microscopy (SEM) studies were performed using a JEOL JSM-6380 
model. The powder samples were mounted on the standard specimen stubs with the help of 
an adhesive tape. The samples were coated with a thin layer of gold to prevent the charging 
of the sample. The electron beam parameters were kept constant during the analysis of the 
entire sample.  
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3.2.3 Batch oxidation catalyst testing  
 
Catalytic testing was performed in a jacketed 500 ml glass batch reactor with two baffles 
equipped with an impeller stirrer blade. To the glass batch reactor was added p-cymene (35 
g; 261 mmol), cymene hydroperoxide (2 g; containing 22.5 mol% oxidised cymene 
hydroperoxide oil) to initiate the reaction, and VPO catalyst (0.0175 g) for powdered 
catalysts, otherwise the stainless steel catalyst coated plate was immersed in the reaction 
mixture. A reflux condenser was attached to the reactor and the mixture was stirred 
vigorously. The desired reaction temperature was controlled by circulating hot oil through 
the reactor jacket. After equilibration (ca. 10 min), O2 was introduced through a gas inlet 
tube at the top of the reactor at a flow rate of 40 mL/min. Samples (1 mL) were collected for 
GC analysis at regular intervals and treated with triphenylphosphine (0.02 g; 0.0762 mmol) 
in methanol solvent (5 mL) and analysed by GC according the method described in Table 
2.1 (in Chapter 2). 
 
3.3 Results and discussion 
 
3.3.1 Characterisation of catalyst before oxidation 
3.3.1.2 VPO -Al2O3 supported catalyst 
 
Since one of the objectives of this work was to study the oxidation of p-cymene in a FFMSR 
containing a stainless steel micro-structured reaction plate onto which the -Al2O3 supported 
VPO catalyst has been bound, it was necessary to study the incorporation of the VPO 
catalyst onto -Al2O3. Thus, -Al2O3 supported vanadium phosphate catalysts were 
prepared so as to obtain a range of the catalyst loadings in the final catalysts.  
 
The -Al2O3 supported VPO catalysts were prepared by two different methods. Firstly, the 
VOHPO4·0.5H2O precursor was activated to the (VO)2P2O7 phase followed by 
impregnation onto the -Al2O3 support with further calcination (Fig. 3.2). In the second 
method, the VOHPO4·0.5H2O precursor was first impregnated onto the -Al2O3 support 
and then activated. Fig. 3.2 and 3.3 show the XRD structure analysis of the (VO)2P2O7/-
Al2O3 supported catalysts prepared by the different methods. 
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Fig. 3.2: XRD of -Al2O3 supported catalysts prepared from (VO)2P2O7 catalyst: (a) VP3Al,  
 (b) VP7Al, (c) VP11Al, (d) VP14Al, (e) VP21Al, and (f) pure reference (VO)2P2O7  
 catalyst 
 
The results showed that by adding the activated (VO)2P2O7 phase to the -Al2O3 support, 
followed by further calcination, the structural characteristics of the (VO)2P2O7 phase (Fig. 
3.2) are maintained. The XRD pattern of the pure -Al2O3 support material used showed 
predominately an amorphous phase with two low intensity broad peaks at around 46 and 
67o (2) respectively.27 Samples prepared by adding the precursor, VOHPO4·0.5H2O, to the 
-Al2O3 support followed by activation or calcination displays only an amorphous phase 
irrespective of concentration (Fig. 3.3). This implies that the (VO)2P2O7 phase is not 
obtained when VOHPO4∙0.5H2O is used as source to coat the -Al2O3 support.  
 
 
Fig. 3.3: XRD of -Al2O3 supported catalysts prepared from VOHPO4∙0.5H2O and -Al2O3:                
 (a) pure reference (VO)2P2O7 phase, (b) VP7Al, (c) VP11Al, (d) VP14Al, and (e) 
 VP21Al 
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The surface area of the (VO)2P2O7/-Al2O3 supported catalysts prepared with the pre-
formed (VO)2P2O7 shows a consistent decrease in surface area as the loading of 
(VO)2P2O7 in the coating slurry is increased (Table 3.1). The decrease in surface area can 
possibly be explained in terms of the filling of the -Al2O3 pores by the catalyst. Such an 
explanation is supported by other studies involving -Al2O3 supported vanadium based 
catalysts.36,37  
 
Table 3.1: BET surface areas of (VO)2P2O7/-AL2O3 supported catalysts 
* Catalyst  name Catalyst loading (%wt) BET surface area  (g/m2) 
(VO)2P2O7 
- 36.3 
- 
- 120 
VP3Al 3 110.3 
VP7Al 7 107.8 
VP11Al 11 105.7 
VP14Al 14 92.9 
VP21Al 21 78.9 
 
*Only the surface areas for catalysts prepared from pre-formed (VO)2P2O7 are shown here. 
 
 
3.3.1.2 (VO)2P2O7/-Al2O3 supported catalyst on stainless steel 
 
For coating the vanadium phosphate catalyst onto stainless steel plates, the wash coat 
method reported by Zapf et al. was used.31 This involves first coating the plate with -
Al2O3, followed by catalyst deposition onto the wash coat. In order to evaluate this 
procedure, both methods described above for the supporting of catalyst on -Al2O3, 
namely by using the VOHPO4∙0.5H2O precursor and by using the pre-formed (VO)2P2O7 as 
starting materials, was again investigated.  
 
Fig. 3.4 shows the XRD analysis of the -Al2O3 supported catalysts formed by incorporating 
the VOHPO4∙0.5H2O precursor into the wash coat previously coated onto the stainless steel 
plate. (It should be noted that these analyses were performed by scraping samples of the 
coated catalyst off the stainless steel plate since the iron would cause fluorescence 
interference of direct powder XRD analysis of the coated catalyst on the stainless steel were 
attempted). The XRD patterns of catalysts prepared from pre-formed (VO)2P2O7 are shown 
in Fig. 3.5. The amorphous phase was again the only phase detected for catalysts prepared 
from VOHPO4∙0.5H2O. However, catalysts prepared from pre-formed (VO)2P2O7, followed 
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by further calcination, again maintained the structural characteristics of the (VO)2P2O7 
phase (Fig. 2.15).  
 
 
Fig. 3.4: XRD patterns of the stainless steel coated catalyst prepared from 
VOHPO4∙0.5H2O. (a) Pure (VO)2P2O7 and (b) coated stainless steel plate 
 
 
 
Fig. 3.5: XRD patterns of the stainless steel coated catalyst prepared from preformed           
 (VO)2P2O7. (a) Pure (VO)2P2O7 and (b) stainless steel coated (VO)2P2O7  
 
The catalyst prepared from VOHPO4∙0.5H2O was also investigated by laser Raman 
spectroscopy in order to gain some idea as to the origin of the amorphous phase observed for 
the catalysts prepared from VOHPO4∙0.5H2O. Raman spectroscopy can provide surface 
information about: (1) the ratio of isolated and polymerized surface vanadium species; (2) 
terminal V=O and bridging V-O-V bonds; and (3) the influence of the oxide support material 
on the active catalyst phase. The spectra obtained for VOHPO4∙0.5H2O (Fig. 3.6) and 
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(VO)2P2O7 (Fig. 3.7) prepared during this study were similar to Raman spectra reported in the 
literature.13,16  
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Fig. 3.6: Laser Raman spectrum of the VOHPO4∙0.5H2O precursor 
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Fig. 3.7: Laser Raman spectrum of bulk (VO)2P2O7 
 
The VOHPO4∙0.5H2O precursor displays several characteristic bands in the 900 - 1200 cm-1 
region (Fig. 3.6). (VO)2P2O7 shows a typical strong band at 936 cm-1 with more bands in the 
region of 1100 - 1200 cm-1 (Fig 3.7). The band at 936 cm-1 has previously been assigned to P-
O-P stretching vibrations.17 The bands between 1100 and 1200 cm-1 for (VO)2P2O7 has been 
ascribed to the presence of bridging V-O-V bonds and terminal V=O groups.13  Fig. 3.8 shows 
the Raman spectrum of the catalyst on -Al2O3 prepared from VOHPO4∙0.5H2O. This 
spectrum clearly shows no bands corresponding to the (VO)2P2O7 phase, but the band just 
below 1000 cm-1 corresponds to the same band observed for the starting material. The bands 
below 400 cm-1 are due to the alumina support material. The cluster of three strong bands 
between 800 - 1100 cm-1 were tentatively assigned to the VOPO4 phase in accordance with 
literature reported Raman spectra of VPO phases.13  This support the results observed by 
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XRD analysis that the impregnation of the precursor (VOHPO4∙0.5H2O) on -Al2O3 support  
does not form the characteristic (VO)2P2O7 catalyst phase. Further, an amorphous phase with 
VOPO4 phase characteristics would have been formed. 
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Fig. 3.8: Laser Raman spectrum of the stainless steel coated catalyst prepared from                         
 VOHPO4∙0.5H2O 
 
3.3.2 Catalytic testing of catalysts 
3.3.2.1 Activity of (VO)2P2O7/-Al2O3 supported catalysts 
 
The catalytic activities of the (VO)2P2O7/-Al2O3 supported catalysts with different catalyst 
loadings were evaluated in the oxidation of p-cymene. The reaction conditions used are 
shown in Table 3.2  
 
Table 3.2: Reaction conditions for (VO)2P2O7/-AL2O3 catalysts activity testing 
p-Cymene substrate mass 35 g 
Oxidized cymene oil (initiator) mass 
2 g (containing 22.25 mol% cymene  
hydroperoxide) 
VP11Al catalyst mass 0.0175 g 
Reaction temperature 100 oC 
O2 flow rate 40 mL/min 
Reaction time 240 min 
Agitation speed 2000 rpm 
 
Fig. 3.9 and 3.10 show the conversion of p-cymene and selectivity to TCHP as a function 
of time for these reactions. In the presence of uncoated pure -Al2O3 alone, a p-cymene 
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conversion of less than 1 % after 4 h reaction time was obtained, showing that the 
observed catalytic activity must come from the (VO)2P2O7. The results depicted in Fig. 3.9 
clearly show that the conversion of p-cymene increases with an increase in catalyst 
loading on the -Al2O3 support, again suggesting that the observed catalytic activity was 
due only to the active catalyst, (VO)2P2O7.  
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Fig. 3.9: p-Cymene conversions for -Al2O3/(VO)2P2O7 supported catalysts containing                  
 different catalyst concentrations. Symbols: (◊) VP3Al, (■) VP7Al, (▲) VP11Al,            
 () VP14Al and (x) VP21Al 
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Fig. 3.10: Selectivity as a function of conversion for different (VO)2P2O7 loadings on -Al2O3.  
 Symbols: (◊) VP3Al, (■) VP7Al, (▲) VP11Al, () VP14Al and (x) VP21Al 
 
As in the case of the unsupported bulk catalyst, the (VO)2P2O7/-Al2O3 supported catalysts 
also show a rapidly decreasing selectivity to TCHP with increasing p-cymene conversions 
(Fig. 3.10). In addition, the higher the loading of (VO)2P2O7 on the support, the lower the 
selectivity to TCHP (Fig. 3.10). The most probable explanation for the decreasing 
selectivity with increasing catalyst loading is the catalysis of TCHP decomposition by 
 
 
 
 
98 
 
 
(VO)2P2O7, as is the case for other autoxidation catalysts. Thus, as for all other reaction 
systems involving consecutive reaction of the desired reaction product,1,5 optimum 
conditions will necessarily have to be a compromise between the level of conversion and 
the selectivity to the desired product. For this reason, the catalyst containing an 11 wt% 
loading (i.e. VP11Al) was selected for coating onto stainless steel. 
 
3.3.2.2 Activity of VPO supported on -Al2O3 and a steel plate  
 
This phase of the investigation explored the activity and stability of the -Al2O3/(VO)2P2O7 
supported catalysts that had been coated onto a stainless steel plate during oxidation 
reactions of p-cymene. The results obtained for the above oxidation are illustrated 
graphically in Fig.’s 3.11 - 3.13.  
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Fig. 3.11: p-Cymene oxidation in the presence of stainless steel coated and uncoated          
 -Al2O3/(VO)2P2O7 catalyst. Symbols: (▲) SS-VP11Al and (Δ) VP11Al 
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Fig. 3.12: Comparison of different catalysts in p-cymene oxidation in terms of selectivity 
  plotted as a function of time. Symbols: (▲) SS-VP11Al and (Δ) VP11Al  
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Fig. 3.13: TCHP selectivity as a function of conversion for different catalysts. Symbols: 
  (▲) SS-VP11Al and (Δ) VP11Al  
 
These results are compared directly with the performance of the supported (free powder) 
-Al2O3/(VO)2P2O7 under equivalent reaction conditions. These results clearly show that 
the catalyst, irrespective of whether it is in free powder form or coated onto the stainless 
steel plate, behaves exactly in the same way in terms of activity and selectivity. This 
observation, although somewhat surprising, is probably indicative of the fact that the main 
role of the catalyst is to speed up the oxidation process by participating in hydroperoxide 
(either deliberately added as initiator, or formed as reaction product) decomposition in a 
manner similar to traditional autoxidation catalysts.1  
 
 
3.3.2.6 Long-term stainless steel coated catalyst performance 
 
The results obtained for batch oxidation reactions with the (VO)2P2O7 catalyst supported on 
-Al2O3 and coated on the -Al2O3/stainless steel plate (SS-VP11Al) gave positive results in 
terms of conversion and selectivity. It was also important to establish the effect of long-term 
catalyst usage for possible application in a continuous-flow micro-structured reactor system. 
For this purpose, a single stainless steel plate, first coated with a -Al2O3 support, then 
impregnated with the (VO)2P2O7 catalyst, was evaluated for the oxidation of p-cymene in a 
well-stirred batch reactor by using the coated stainless steel plate as “catalyst” for a number 
of batch p-cymene oxidation cycles (total run time of 250 h). Reaction conditions used for 
these experiments are given in Table 3.3, and the results summarised graphically in Fig. 
3.14 for the conversion of p-cymene, selectivity and yield to TCHP as a function of time.  
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Table 3.3: Conditions for the stainless steel coated catalyst activity and deactivation testing 
p-Cymene substrate mass 35 g 
Oxidized cymene oil (initiator) mass 
2 g (containing 22.25 mol% cymene 
hydroperoxide) 
SS-VP11Al  Same stainless steel (VO)2P2O7 plate 
Reaction temperature  100 oC  
O2 flow rate 40 mL/min 
Agitation speed 2000 rpm 
 
Note: These were the reaction conditions for each oxidation cycle. 
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Fig. 3.14: Performance of the stainless steel coated catalyst over 250 h 
 
The results show that the stainless steel catalyst displays a slow, yet significant deactivation 
over extended reaction periods. An attempt at regeneration (see inflection at A, 170 h in Fig. 
3.14) was only partially successful. The regeneration was done by first washing the 
stainless steel plate with methanol, followed by drying and calcination at 500 oC for 4 h.  
 
While the exact reasons for the observed deactivation were not studied in any detail during 
this particular experiment, the most probable explanation could be related to that the 
vanadium species might be leaching or that the catalyst is contaminated by parts of the 
reaction mixture products blocking the reactive sites on the catalyst surface.1,18-21 The 
observation that the activity of the VPO catalyst in the case of VPO catalyst coated onto 
stainless steel is partially regenerated after re-calcination (marked A in Fig. 3.14) suggests 
that leaching of the active catalyst may not be the only reason for the observed catalyst 
deactivation since some activity is restored upon re-calcination at 500 oC for 4 h. Another 
reason for the deactivation of this type of catalyst during the liquid phase p-cymene 
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oxidation reaction could also be related to the phase transition of the active (VO)2P2O7 
catalyst material as discussed later.  
 
In order to confirm if the vanadium was leaching from the active catalyst during the 
oxidation reaction, leaching test experiments were performed. The oxidation was first 
performed with a fresh batch of pure (VO)2P2O7 catalyst and the resulting hydroperoxide 
product was filtered hot to remove any possible catalyst present. The filtrate was used in 
the next experiment without the added catalyst as to find out if the filtrate was not 
containing small amounts of dissolved vanadium that might homogeneously catalyse the 
reaction. The results indicated that oxidations done with small amount of the filtrate added 
in the absence of catalyst showed only about 1% conversion while the one done with the 
recovered catalyst displayed a conversion of about 13.9% closer to 15.3% obtained with 
the fresh pure (VO)2P2O7 catalyst under the same reaction conditions. This indicated that 
any leaching that might be occurring is not significantly influencing the catalytic effect on 
the p-cymene liquid phase oxidation in the present study. To confirm further if there was 
any vanadium present, ICP analysis of the residue sample of the filtrate was performed 
and the results showed no detectable amount of the vanadium in solution. On the other 
hand, for the filtrate solution obtained from the stainless steel alumina coated catalyst only 
small amounts of aluminium (0.01-0.05 ppm) was detected. The absence of the vanadium 
metal species in the filtrate solutions suggests that the contamination by part of the 
reaction mixture components of p-cymene liquid phase oxidation is the most probable for 
the observed deactivation. 
 
3.3.3 Characterization of the used catalyst after oxidation 
 
While the use of (VO)2P2O7 as a catalyst in the liquid-phase oxidation of p-cymene 
showed promising results, it was important to investigate the effect of long-term catalyst 
usage on the catalyst structure so as to evaluate its possible application in a micro-
structured reactor. This is especially true following the results of the 250 h on-stream 
testing of the catalyst discussed in the preceding section (Fig. 3.14). The XRD structural 
studies of aged (VO)2P2O7 catalyst used in gas-phase oxidations have been reported to 
show no significant structural changes of the (VO)2P2O7 phase, and only the formation of 
the VOPO4 phase was reported.15-17,24 In addition, it is well known that the characteristics 
of an equilibrated (VO)2P2O7 catalyst which has been kept in a gas phase oxidation reaction 
mixture for several hundreds of hours is a good well-formed crystalline (VO)2P2O7 catalyst 
phase.38-40  
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Samples of the pure catalysts, VO(PO3)2 (from the VO(H2PO4)2 precursor) and (VO)2P2O7, 
were exposed to liquid-phase oxidation reaction conditions for 65 and 75 h, respectively. 
Samples from each of the respective used catalysts were then analysed by XRD, SEM and 
TGA-MS to obtain information on possible structural changes during oxidation reactions.  
 
The XRD of (VO)2P2O7 showed that the catalyst material underwent a complete change 
after 25 h under the oxidation conditions to form an amorphous phase (Fig. 3.15 b). When 
the exposure period was increased to 50 h or longer, the amorphous phase formed during 
the initial 25 h on-stream is slowly converted back to the original precursor phase, 
VOHPO4∙0.5H2O, as illustrated in Fig. 3.15 (c-e).  
 
 
Fig. 3.15: XRD patterns of (VO)2P2O7 during exposure to p-cymene oxidation conditions: 
(a) (VO)2P2O7 before oxidation, (b) (VO)2P2O7 after 25 h oxidation, (c) (VO)2P2O7 
after 50 h oxidation, (d) (VO)2P2O7 phase after 75 h oxidation and (e) 
VOHPO4·0.5H2O precursor 
 
In the previous studies, it was shown that although the VOHPO4∙0.5H2O precursor phase 
displayed some catalytic effect in the liquid phase oxidation of p-cymene, however, its 
oxidation rates and TCHP selectivity were observed to be 5-7% lower when compared to its 
corresponding activated (VO)2P2O7 catalyst phase.25   
 
The pure (VO)2P2O7 catalyst samples exposed for different times to p-cymene oxidation 
conditions (i.e. 25, 50 and 75 h) were evaluated for their catalytic performance without being 
re-calcined and compared to the fresh pure (VO)2P2O7 catalyst (Table 3.4). In another 
experiment, some of the catalyst sample obtained after 75 h was re-calcined and also 
tested for its performance. As can be seen in Table 3.4 the results showed drop of activity 
 
 
 
 
103 
 
 
for the used catalysts (i.e. exposed to p-cymene oxidation conditions at various times) while 
their TCHP selectivity remained at around 87-89%. Notably, was the activity of the re-
calcined catalyst obtained after 75 h (Entry 5, Table 3.4) which showed activity of closer to 
the fresh pure (VO)2P2O7 catalyst (Entry 1, Table 3.4) when compared to the one tested 
without being re-calcined (Entry 4, Table 3.4). This confirmed the observed results in Fig. 
3.14 that the catalyst activity can be regenerated after deactivation with time. Di Serio et al.9 
observed similar structural changes for VOPO4 catalyst in the liquid phase biodiesel 
transesterification reaction where the catalyst activity decreased with prolonged exposure to 
the reaction conditions. The observed phase transformation of the (VO)2P2O7 catalyst phase 
to VOHPO4∙0.5H2O precursor phase may possibly have an effect on the activity of the 
(VO)2P2O7 catalyst to some extend as seen in Fig. 3.14 with the stainless steel coated 
catalyst after 250 h of use.  
 
Table 3.4: Comparison of aged catalysts performances with fresh catalyst 
Entry Catalyst name Time 
(h) 
Conversion 
(mol%) 
aTCHP 
Selectivity 
(mol%) 
aTCHP 
Yield 
(mol%) 
1 fresh (VO)2P2O7 2 15.3 89.3 13.7 
2 bpure (VO)2P2O7-25h 2 11.2 87.8 9.8 
3 bpure (VO)2P2O7-50h 2 9.3 88.2 8.1 
4 bpure (VO)2P2O7-75h 2 8.6 86.7 7.5 
5 b,cpure (VO)2P2O7-75h 2 14.3 88.7 12.7 
Reaction conditions: 35 g p-cymene, 2 g cymene hydroperoxide initiator, 110 oC, 2000 rpm and 40 ml/min O2 
flow rate. 
aTCHP = tertiary cymene hydroperoxide 
bCatalyst were not re-calcined after aged for respective times but washed with methanol and air dried at 110 
oC for 2 h before use. 
cCatalyst after washing with methanol and air drying at 110 oC for 2 h  was re-calcined at 550 oC N2 flow for 4 
h before use. 
 
A qualitative representation of the effects of exposure of (VO)2P2O7 to oxidation conditions 
on the catalyst structure can be obtained by observing the change in the degree of 
crystallinity (measured for the VOHPO4∙0.5H2O phase) of the used catalyst samples. The 
degree of crystallinity was determined from the XRD patterns (Fig. 3.15) from the point 
where the amorphous phase was observed to convert back to the VOHPO4∙0.5H2O phase. 
These results are shown in Fig. 3.16 and 3.17. The change in the degree of crystallinity was 
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determined by using Rietveld refining of the XRD patterns depicted in Figs. 3.17 (a-d) for 
different exposure times to p-cymene oxidation conditions.  
 
The refinement approach used in determining the degree of crystallinity was done by 
assigning a suitable peak fit model to the initial amorphous phase (Fig. 3.17a). These 
parameters were subsequently fixed in their peak positions allowing only the area of the 
amorphous peaks to change during the refinement. The structural parameters of the 
VOHPO4·0.5H2O (Fig. 2.2 in Chapter 2) crystalline phase were used in the refinement as 
the respective contribution to the degree of crystallinity. The large background in the region 
of 5–11o (2) was excluded in the refinement in order to keep the background model used 
as simple as possible (Fig. 3.17 a-c). 
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Fig. 3.16: Graphical representation of the VOHPO4∙0.5H2O phase degree of crystallinity at             
 different exposure times  
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Fig. 3.17: (a) Rietveld refined structure of (VO)2P2O7 after 25 h exposure (14.1% crystallinity) 
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Fig. 3.17: (b) Rietveld refined structure of used (VO)2P2O7 after 50 h exposure (64.3%           
 crystallinity) 
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Fig. 3.17: (c) Rietveld refined structure of used (VO)2P2O7 after 75 h exposure (80.4%            
 crystallinity) 
 
It must be noted that this is only a comparative study of the change in crystallinity with 
oxidation exposure time, and not an accurate quantitative measure of the amorphous phase 
content in the vanadium phosphate catalyst. In order to give an indication of how consistent 
the determination of the degree of crystallinity was by using the Rietveld refinement 
approach, the same refinement parameters were used on a diffraction pattern of pure 
VOHPO4∙0.5H2O starting material (Fig 3.18). The refinement showed very little amorphous 
content and gave a degree of crystallinity of 99.9%.  
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Fig. 3.18: Rietveld refined structure of pure VOHPO4∙0.5H2O (99.89% crystallinity) 
 
The results depicted in Fig’s. 3.16 and 3.17 show that if the catalyst material were to be 
exposed to the reaction mixture for 75 hours or more, it would have converted back to more 
than 80% of the starting material.  
 
The SEM pictures of (VO)2P2O7 exposed to p-cymene oxidation conditions for different 
times support the observed structural changes in the XRD analysis (Fig. 3.19). Firstly, 
before the oxidation reaction, the (VO)2P2O7 catalyst is composed of rosette-like structures 
(Fig. 3.19 a). After 50 h and 75 h of oxidation reactions, plate-like rectangular shaped 
crystals of catalyst were observed (Fig. 3.19 b-c), typical of the precursor phase material 
(Fig. 2.4 a, chapter 2).  
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(a) 
 
 
 (b)  (c)
              
Fig. 3.19: SEM pictures of (VO)2P2O7 (a) before oxidation, (b) after 50 h oxidation and  (c) 
after 75 h oxidation 
 
Furthermore, a sample of (VO)2P2O7 catalyst exposed for 75 h to p-cymene oxidation 
conditions was analysed by TGA-MS and compared with the original VOHPO4∙0.5H2O 
precursor in (Fig. 2.5, Chapter 2). The results (Fig. 3.20) showed a similar large water loss 
upon heating. However, the water content loss when compared to the pure 
VOHPO4∙0.5H2O precursor occurred over a wider temperature range and started at a lower 
temperature around 100 oC, when compared to 350 oC for pure VOHPO4∙0.5H2O (Fig. 2.5, 
Chapter 2).  
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Fig. 3.20 TGA-MS curve of the (VO)2P2O7 catalyst after 75 h exposure to liquid-phase 
   oxidation conditions 
 
During the TGA-MS analysis, a variety of additional mass fragments was observed (Fig.’s 
3.21 – 3.23). Tentative structural assignments to these mass fragments are, viz.: 
 
Mass fragment m/z = 41: => C3H5+; 
Mass fragment m/z = 44: => CO2; 
Mass fragment m/z = 78: => C6H6+; 
Mass fragment m/z = 81: => C5H5O+;  
Mass fragment m/z = 104: => C6H5CO+. 
 
These mass units are most likely the result of the decomposition of p-cymene or its 
oxidation products that remained on the surface of the catalyst or inside the catalyst pores 
during the reaction process. These analyses do not directly indicate whether oligomerization 
of the p-cymene or its oxidation products are occurring, and hence do not aid in a possible 
explanation for the observed stainless steel coated catalyst deactivation after 250 h testing 
(Fig. 3.14). 
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Fig. 3.21: TGA-MS of the (VO)2P2O7 catalyst after 75 h exposure to p-cymene liquid-phase 
oxidation 
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Fig. 3.22: TGA-MS of the (VO)2P2O7 catalyst after 75 h exposure to p-cymene liquid-phase 
oxidation - showing CO2 evolution 
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Fig. 3.23: TGA-MS of the (VO)2P2O7 catalyst after 75 h exposure to p-cymene liquid-phase 
oxidation - showing the evolution of other m/z fragments 
 
A similar experiment was done by exposing VO(PO3)2, prepared from the VO(H2PO4)2 
phase, to similar oxidation reaction conditions for a period of 65 h. The XRD patterns of the 
fresh and exposed catalysts showed that the VO(PO3)2 structure remained unchanged 
under the oxidation conditions (Fig. 3.24). Also, the SEM morphology pictures of the 
VO(PO3)2 catalyst from VO(H2PO4)2 before and after exposure to cymene oxidation (Fig. 
3.25), showed no differences between the two samples when compared to the pervious 
comparison in Fig. 2.4(a), Chapter 2 . 
 
 
Fig. 3.24: XRD pattern of the VO(PO3)2: (a) before oxidation and (b) after 65 h exposure to              
 p-cymene oxidation reaction conditions 
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(a)                                                                
 
 
(b)      
 
Fig. 3.25: SEM pictures of VO(PO3)2 (a) before oxidation and (b) after 65 h oxidation  
 
The TGA-MS of VO(PO3)2 after exposure in the oxidation reaction (Fig. 3.26), however, 
showed some differences when compared to the TGA-MS of the original precursor (Fig. 2.6, 
Chapter 2). There was a slight loss of water that occurred at a lower temperature of 100 oC 
for the exposed sample when compared to the 250-300 oC temperature range observed for 
the unexposed catalyst. This observation indicates that the water lost from the exposed 
catalyst is not incorporated into the crystal structure of the catalyst, and hence does not 
result in any phase transformation. 
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Fig. 3.26: Activated VO(PO3)2 catalyst from the VO(H2PO4)2 precursor after 65 h exposure 
 the liquid-phase oxidation of p-cymene 
 
The structural changes observed for (VO)2P2O7 during the liquid-phase oxidation of p-
cymene has not been reported for gas-phase oxidation reactions in the presence of this 
catalyst. To some extent this may not be so surprising in view of the differences between 
gas and liquid-phase oxidation reactions. For example, in liquid-phase oxidation reactions, 
reactor residence times are relatively long and the metal catalyst is exposed to the reaction 
medium for long periods, whereas in gas-phase oxidations, reactor residence times are 
comparatively very short, and hence the exposure of the metal catalyst surface to polar 
molecules is short. The adsorption of polar molecules on the catalyst surface structure may 
facilitate the observed structural transformation from the (VO)2P2O7 phase to the 
VOHPO4.0.5H2O phase. The absorption of organic molecules on the catalyst surface is 
suggested by the TGA-MS analysis of the used (VO)2P2O7 catalyst after the cymene 
oxidation for 75 h (e.g. mass fragments m/z = 81 and m/z = 104 (Fig. 3.23)). 
 
3.3.4 Comments on the VPO catalyst system 
 
The catalytic performance of the metal oxide catalyst in oxidation reactions involves a 
complex interaction of various but interdependent properties of the solid. For example, in 
selective oxidation reactions, both activation steps, namely hydrogen abstraction (activity) 
and oxygen insertion, are critical and can influence the surface structure of the catalyst. 
Numerous mechanistic models have been proposed to explain the interaction between the 
catalyst surface and reactants. The Mars and Krevelen mechanism is one of the 
outstanding mechanistic proposals that has been helpful in understanding the mechanistic 
aspects of metal oxide catalysed oxidations. The vanadium phosphate catalyst is one such 
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solid metal oxide catalyst that operates by the redox mechanism. While vanadium 
phosphate catalyst systems are composed of the V+3, V+4 and V+5 oxidation states, one will 
expect the following probable redox couples to operate during catalytic oxidations: 
 
(i) Reduction of V+5 to V+4 and oxidation  of V+4 to V+5 or 
(ii) Oxidation of V+3 to V+4 and reduction of V+4 to V+3  
 
During the catalytic steps of the catalyst equilibration in the oxidation reaction medium and 
ageing, the diffusion of the lattice O2 to the bulk liquid and gaseous oxygen to the catalyst 
surface would modify the bulk VPO structure relatively strongly. Consequently, these 
factors will eventually affect the surface properties of the VPO catalyst at a molecular 
scale. This is observed in the behaviour of the stainless steel coated VPO catalyst activity 
and deactivation (Fig. 3.14), including the structural transformation of the bulk (VO)2P2O7 
that was exposed to the liquid-phase oxidation for 75 h (Fig. 3.15). The factors that can 
affect the overall performance of the vanadium phosphate catalyst and its structural 
changes would depend on the initial quantity of the V+5 phase and the consumed quantity 
of the V+4 phase (converted to the V+3 phase in the oxidation of p-cymene). This means 
that the balance of the VPO catalyst reducibility is an important parameter for this type of 
catalyst to operate in the oxidation process for better catalytic performance. As a result of 
the effect of reaction medium on the vanadium phosphate catalyst structure, deactivation 
and activity would differ for gas-phase and liquid-phase oxidations. Metal oxide catalysts 
are more susceptible to leaching in liquid-phase than gas-phase oxidations.1,41 Rapid 
deactivation as a result of adsorbed polar molecules such as methanol on the surface of 
VPO catalyst has been proved for liquid-phase usage of vanadium phosphate in biodiesel 
production and others.9,22,23 For supported VPO catalysts, the results obtained seem to 
suggest that both the activity and selectivity of tertiary cymene hydroperoxide are affected 
by the loading of the catalyst in the support material. More importantly, the monolayer 
coverage on the support material affects the selectivity predominantly at high catalyst 
loading in the support.  
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3.4 Concluding remarks 
 
XRD analysis performed on catalysts supported on -Al2O3 showed that only the amorphous 
phase is formed for -Al2O3/VPO catalysts prepared by first adding the VOHPO4∙0.5H2O 
precursor to -Al2O3, before activation. The -Al2O3 supported catalyst prepared from mixing 
the preformed (VO)2P2O7 with -Al2O3 support, however, showed structural characteristics 
similar to that of vanadyl pyrophosphate, (VO)2P2O7 after calcination. The activated 
(VO)2P2O7 phase was successfully coated onto stainless steel and the presence of 
(VO)2P2O7 phase lines were confirmed by XRD analysis. The structure, activity and 
deactivation of stainless steel coated VPO catalyst was studied in liquid-phase oxidation 
reactions of p-cymene. Firstly, catalytic testing of the -Al2O3 supported VPO catalysts 
showed that the oxidation rates increases with increasing catalyst loading in the support 
while selectivity decreases. Stainless steel coated catalysts showed comparable activity and 
selectivity during cymene oxidation reactions when compared to the bulk (VO)2P2O7 
catalyst. The gradual decline of the activity of the stainless steel coated catalyst with time in 
cymene oxidation reactions was observed after a number of batch reaction cycles for 250 h 
on-stream. However, the present results do not provide a clear indication of the origin of the 
observed catalyst deactivation. In addition, XRD studies of the aged catalyst showed that 
the structure of (VO)2P2O7 change back to its precursor, VOHPO4∙0.5H2O. The concept of 
coating the catalyst onto a stainless steel plate provide a new approach to study the 
behaviour of the catalyst system to establish the effect of long-term catalyst usage on activity 
and structure, especially for liquid-phase oxidation reactions. 
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CHAPTER 4 
 
 
Oxidations in a falling film micro-structured reactor 
 
 
 
 
Abstract 
 
The liquid-phase oxidation of p-cymene to tertiary cymene hydroperoxide (TCHP) was 
performed in a continuous-flow, gas/liquid falling film micro-structured reactor (FFMSR). 
The lab-scale micro-structured reactor showed promising results in terms of productivity 
(space-time-yield) at comparable conversions to a well-stirred batch reactor. Typical p-
cymene conversions achieved of 10 – 15% has been realized in FFMSR at residence 
times of less than 20 s. TCHP selectivities were typically in the order of 80 - 83%. 
Similarly, under the same reaction conditions the micro-structured reactor also showed 
cumene conversions of up to 12% at cumene hydroperoxide (CHP) selectivities of 90 - 
92%. These results relates to a more than 100-fold reduction of the reactor residence time 
in a micro-structured reactor (less than 20 s) compared to reactor residence times of a well-
stirred batch reactor (1 - 2 h). The results obtained when using three micro-structured 
reaction plates with different channel sizes: 300 x 100, 600 x 200 and 1200 x 300 m (but 
with the same length 6.6 cm) showed that the 1200 x 300 m plate gave slightly higher 
conversions than the plates with the smaller size reaction channels. This observation 
probably indicates quenching of the free-radical chain in the smaller channels.  
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4.1  Introduction 
 
This Chapter focuses on investigating the feasibility of performing a mass transfer limited 
liquid-phase oxidation reaction such as the oxidation of p-cymene, which is characterized 
by slow reaction rates, in a continuous micro-structured falling film reactor (FFMSR). In 
addition, the oxidation of cumene was also studied because of its close structural relation 
to cymene, the relative reactivity of the tertiary C-H bond, and the extensive literature 
available on the cumene oxidation reaction for comparison to cymene autoxidation.1-3 
Potential benefits such as improved mass transfer, effective heat management, high 
surface area-to-volume ratios, specific interfacial area due to small reaction volumes, and 
productivity space-time-yield offered by micro-structured reactors which could improve 
oxidation reaction rates, were especially of interest.4-7 In addition, micro-structured 
reactors allow the possibility of working under harsh reaction conditions such as controlled 
high reaction temperatures and pressures, and high reactant concentrations without 
limitations imposed by safety considerations.4,8-10 Conversion and selectivity that are 
always a trade-off in oxidation reactions are expected to be controlled in micro-structured 
reactors by varying the feed flow rate that  influences the residence time of the reactants 
in the microchannels.11,12 
 
Most of the literature reported applications of FFMSR’s has been on fast, highly 
exothermic reactions such as hydrogenations13, ozonolysis14, direct fluorination and 
chlorination of aromatics15,16 where the reaction takes only in the order of several minutes 
to occur in conventional reactors. The evaluation of a FFMSR in typical gas/liquid 
oxidation reactions with slow kinetic rates where the reaction takes several hours to occur 
has not yet been investigated. This is still an open question whether there is an unrealized 
potential in using micro-structured reactor systems for the intensification of reaction 
systems with slow reaction rates, especially where the micro-structured reactor system 
can impact directly on issues such as slow mass transfer rates. 
 
4.2 Experimental methods 
4.2.1 Lab-scale micro-structured falling film reactor plant 
 
Fig’s 4.1 and 4.2 show the micro-structured falling film reactor (FFMSR) plant and 
diagrammatic layout of the reactor rig, respectively. The detailed description of different 
features in the reactor rig is summarised in Table 4.1, while Table A2 (in Appendix C) 
summarizes the reactor technical specifications. 
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(a) 
 
(b) 
 
(c) 
 
Fig. 4.1: (a) A picture of the micro-structured falling film reactor plant, (b) dissembled        
 FFMSR and (c) 600 x 200 m coated micro-channels reaction plate with -Al2O3 
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Fig. 4.2:  Diagrammatic layout of the micro-structured falling film reactor plant 
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Table 4.1: Falling film micro-structured reactor rig description 
 
4.2.2 Liquid and gas feed supply to FFMSR 
 
A peristaltic HPLC pump, P1 (Knauer K-120, 10 mL head pump) with a flow rate range of 
0.01-10 mL/min was used to supply the liquid feed to the head of the reactor inlet, H1. 
Firstly, the feed was passed through the heat exchanger loop, D1 (0.5 m long) to bring the 
liquid feed temperature closer to the desired reaction temperature in the reactor before it 
is introduced into the FFMSR feed inlet (H1). A pressure indicator gauge, PIC1 is located 
before the FFMSR reactor feed inlet H1. A thermocouple, TIC3 is inserted in the reactor 
feed inlet (H1) to measure the temperature of the incoming liquid feed to the reactor. The 
second pump P2, a syringe pump (Razel A-99) was connected at the reactor outlet, H4 for 
Code Description 
1 Peristaltic HPLC feed pump 
P2 Diaphragm product withdrawal pump 
P3 Heat circulator pump 
D1 Feed heat exchanger loop 
D2 O2 gas heat exchanger loop 
PIC1 Feed pressure indicator before reactor feed inlet 
PIC2 O2 gas pressure indicator before reactor gas inlet 
PIC3 O2 gas pressure indicator after reactor gas outlet 
TIC1 Feed inlet temperature indicator 
TIC2 Reactor heat exchange inlet temperature indicator 
TIC3 Reactor heat exchanger outlet temperature indicator 
TIC4 Product outlet temperature indicator 
H1 Feed reactor inlet 
H2 Reactor heat exchanger inlet 
H3 Reactor heat exchanger outlet 
H4 Product reactor outlet 
H5 O2 gas reactor inlet 
H6 O2 gas reactor outlet 
V1 Three-way valve to control feed flow to the reactor and vent 
V2 Three-way valve to control O2 gas flow to the reactor and vent 
V3 Needle valve to control O2 gas outlet flow rate 
G1 Oxygen gas cylinder 
MFC Mass flow controller 
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continuous liquid product withdrawal with a thermocouple, TIC4 inserted to measure the 
temperature. Pure gaseous oxygen (O2) was supplied from an oxygen gas cylinder to the 
FFMSR. The mass flow controller (MFC) depending on the reaction conditions controlled 
the flow rate of the oxygen gas. Once the oxygen gas passes the mass flow controller, it is 
heated in the heat exchanger delay loop D2 (1 m long) before entering the reactor gas inlet, 
H5. A three-way valve, V1 located before the reactor gas inlet H5, is used for both stopping 
and controlling the gas introduction to the FFMSR reactor and as a vent outlet. A needle 
valve, V3 with pressure indicator PIC3 is connected to the FFMSR reactor gas outlet to 
control the gas outlet flow and measure the reaction pressure inside the reactor, 
respectively. For experiments done above 4 bar, the oxygen gas supply line was connected 
directly to the reactor gas inlet. In this way, the gas supply was introduced without the mass 
flow controller and the reactor gas outlet was closed to maintain the desired pressure inside 
the reactor. The FFMSR reactor product outlet also served as the gas outlet with a needle 
valve and pressure indicator connected to control the flow and measure the desired 
pressure inside the reactor. 
 
4.2.4 Reactants residence time 
 
Concerning the reactants residence time, the channels (exposed to the stream of gas and 
liquid) was 6.64 cm in the length. The cross sectional shape of the channels was elliptical 
due to the wet etching process. The theoretical residence time is calculated from the volume 
of the channel and the particular liquid feed flow rate. The actual residence time might differ 
slightly from the calculated value due to other contributing factors such as resistance of the 
falling thin film to pressure, changes with temperature, and roughness of the micro-channel 
wall. The deviation of the residence time from the calculated value was found to be less 
than 10%.17-19 
 
4.2.5 FFMSR temperature calibration 
 
The reaction temperature in the FFMSR was controlled by circulating heat exchanger 
liquid between the reactor inlet (H2) and outlet (H3) as illustrated in Fig. 4.2. Fig. 4.3a 
shows the thermocouples for temperature measurements at different reactor points (e.g., 
T1 heat circulator inlet, T2 heat circulator outlet, T3 liquid feed inlet and T4 liquid products 
outlet). As can be seen in Fig. 4.3a, there is a difference of 5 - 10 oC for the heat 
exchanger circulator bath and the temperature measured inside the reactor, which means 
that if for example the desired reaction temperature inside the reactor is 160 oC, the 
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thermostat bath temperature has to be adjusted to about 170 oC. The stability of the 
reaction temperature measured at the feed inlet was observed to vary slightly with the 
increasing liquid feed flow rate (Fig. 4.3b). However, this variation was not that significant 
so as to affect the temperature stability once a particular desired reaction temperature has 
been achieved inside the FFMSR. The variation was observed to be within  3 oC. 
 
(a) 
100
120
140
160
180
200
120 140 160 180 200 220
Thermostat temp [oC]
Th
er
m
oc
ou
pl
es
 re
sp
en
se
s 
[o
C]
T1 T2 T3 T4
 
 
(b) 
159.5
160.0
160.5
161.0
161.5
162.0
162.5
163.0
0.00 0.05 0.10 0.15 0.20 0.25
Liquid feed flow rate [mL/min]
T3
 re
sp
on
se
 [
o C
]
 
Fig. 4.3: (a) Thermocouples temperature responses with changing circulator bath 
temperature setting. Symbols: (♦) T1 reactor heat exchanger inlet; (□) T2    
reactor heat changer outlet; (▲) T3 reactants inlet and () T4 product outlet. (b) 
T3 thermocouple response with circulator bath set at 170 at different liquid feed 
flow rates. 
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4.2.6 Reaction plate coating 
 
The procedure followed to coat the (VO)2P2O7/-Al2O3 catalyst onto the flat stainless steel 
plate (Chapter 3) for testing the catalytic activity and deactivation behaviour of (VO)2P2O7 
catalyst in a well-stirred batch oxidation experiments of p-cymene was used to coat the 
(VO)2P2O7 catalyst onto the micro-structured reaction plates. For catalyst deposition, 11% 
of (VO)2P2O7 catalyst in aqueous media with added binder material poly(vinyl) alcohol was 
impregnated onto the -Al2O3 coated reaction plate followed by drying (110 oC, 1 h) and 
calcination (550 oC, 2 h).  
 
4.2.7 Micro-structured reactor oxidation procedure 
 
The FFMSR set-up used to study the liquid-phase oxidation of p-cymene and cumene is 
shown in Fig. 4.1 and 4.2 while detailed description of the reactor features are presented in 
Tables 4.1 and 4.2. For initial experiments on investigating the feasibility of performing 
liquid-phase oxidations of p-cymene in a FFMSR using oxygen gas, a number of reaction 
variables such as liquid feed flow rate, reaction temperature, and reactants concentration 
were evaluated. In addition, the effect of the size of the micro-channels on oxidation rates, 
as well as the impact of the (VO)2P2O7 catalyst were also investigated. It should be noted 
that both non-catalysed (i.e. uncoated plate) catalysed (i.e. (VO)2P2O7 catalyst coated plate) 
oxidation reactions were performed. Table A1 in Appendix A report the specifications of the 
reagents used. Samples were collected at regular intervals for GC analysis using the 
method described in Table 2.1, Chapter 2. 
 
4.3 Results and discussion 
4.3.1 Blank autoxidation rates of purified p-cymene and cumene  
 
In order to establish if there is any catalytic contribution effect when using the FFMSR 
during the liquid-phase autoxidation of p-cymene and cumene, the non-catalysed 
reactions of both substrates were performed in the absence of initiator and catalyst. Two 
types of reaction plates were used for this study, namely: (1) A plain uncoated reaction 
plate; and (2) A reaction plate coated with the -Al2O3 support. Both p-cymene and 
cumene were first treated with aqueous (27%) NaOH in order to remove any residual 
hydroperoxides or peroxides that may have been present in the substrates. The flow rate 
that controls the residence time of the liquid feed in the FFMSR was set at the pump at a 
flow rate of 0.02 mL/min to deliver the feed to the FFMSR. The reactor temperature was set 
 
 
 
 
126 
 
 
at 170 oC, 10 bar and the 600 x 200 m plates were used. The results for these “blank” 
reactions are summarised in Table 4.3.  
 
Table 4.3: Results for blank p-cymene oxidation in FFMSR  
Substrate Conversion (mol %) *Selectivity (mol %) *Yield (mol %) 
  -Al2O3 plain plate -Al2O3 plain plate -Al2O3 plain plate 
p-Cymene 0.39 0.34 100.00 100.00 0.39 0.34 
Cumene 0.48 0.51 100.00 100.00 0.48 0.51 
* Cumene hydroperoxide and tertiary cymene hydroperoxide 
 
The results for the non-catalysed autoxidations of purified p-cymene and cumene in the 
absence of an initiator substance showed less than 1% conversion for both the -Al2O3 
coated plate, as well as the uncoated stainless steel plate. This indicates that the plate 
made up of Fe, Mg, and Cr is not catalysing the autoxidation of cumene and p-cymene to 
any significant extent, therefore any results obtained may be safely interpreted in terms of 
the effects of initiator, catalyst, and/or the characteristic micro-structured reactor features.  
 
4.3.2 Investigation of non-catalysed oxidation of p-cymene in the FFMSR 
 
Following the results obtained for the uncoated and -Al2O3 coated plate blank reactions in 
the absence of initiator and catalyst, the effect of different FFMSR process variables on p-
cymene oxidation rates (i.e. temperature, initiator concentration and micro-channels size) 
were investigated in more detail.  
 
The influence of FFMSR temperature on the rate of p-cymene oxidation was the first 
process variable studied. It is important to note that autoxidation reactions are relatively 
slow. Under steady state conditions, the rate of reaction is expected to be strongly 
influenced by the mass transfer rate of the gas to the gas/liquid interface. In addition, 
temperature will also influence the rates of initiation, either through thermal or catalytic 
decomposition of deliberately added hydroperoxide (as initiator substance), or the direct 
activation of active C-H bonds. The effect of FFMSR temperature on the rate of oxidation 
was studied in the range of 130 - 170 oC using 0.09 mol/L initiator concentration at constant 
reactor residence time. This temperature range was chosen based on the p-cymene 
oxidation batch reactor results obtained, and with the view to achieve reasonable substrate 
conversions so as to be able to detect catalytic and other effects above normal experimental 
noise. The results obtained for oxidations in the FFMSR when the reaction temperature was 
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varied between 130 and 170 oC during the non-catalysed oxidation of p-cymene are 
presented graphically in Fig’s 4.4 (a) and (b).   
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Fig. 4.4: Effect of FFMSR temperature on (a) p-Cymene conversion, (b) TCHP selectivity.                
 Symbols: (■) Batch reactor and (◊) FFMSR. Reaction conditions: Liquid flow rate  
 (0.02 mL/min), 10 bar, 0.09 mol/L and 600 x 200 µm reaction plate. 
 
The results obtained show that both the p-cymene oxidation rate and formation of cymene 
hydroperoxide increases significantly with increasing reaction temperature. A significant 
improvement in conversion was observed at high reaction temperatures. The highest 
conversion of p-cymene (10%) was achieved at 170 oC at a reactor residence time of 18 s 
(or 0.3 min). Under these reaction conditions, the TCHP selectivity obtained was around 
83% (Fig. 4.4b). This performance (in terms of the degree of conversion and reaction 
selectivity) compares favourably with the performance of the current industrial-scale p-
cymene oxidation process performed in a bubble column reactor (conversion = 15 - 20%; 
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TCHP selectivity = 65 - 70%).1 The main difference between the two systems is of course 
the reactor residence times: <20 s for the FFMSR and 8 - 12 h for the industrial-scale 
process.1  
 
The relatively high TCHP selectivity observed for oxidations in the FFMSR is particularly 
noteworthy, especially in view of the use of a high reaction temperature where the rate of 
hydroperoxide (product) decomposition will be very fast. As mentioned previously, 
hydroperoxide selectivity during hydrocarbon autoxidations decreases continuously with 
increasing degrees of conversion as a result of the normal free-radical chain process. In 
addition, higher reaction temperatures will speed up the thermal decomposition of such 
hydroperoxides so that autoxidations are normally performed at low reaction temperatures, 
and at restricted degrees of substrate conversions. In the FFMSR, the reactor residence 
time is drastically reduced as compared to a well-stirred or bubble-column reactor. This 
implies that the degree of hydroperoxide conversion due to normal radical chain processes 
will also be restricted, resulting in remarkably high hydroperoxide selectivity, even at these 
elevated reaction temperatures.  
 
Since hydrocarbon autoxidation reactions are characterized by slow reaction rates leading 
to long oxidation times, initiator substances are normally added at the start of autoxidations 
to aid in the formation of free radicals and to improve reaction rates. The participation of the 
added initiator in the formation of the free radicals occurs essentially through the thermal 
decomposition of the initiator, the rate of which depends on the structure of the initiator and 
the active components of the reaction medium. The choice of an initiator depends on its 
compatibility with the organic substrate being oxidized. If a different chemical than the 
substrate itself is used as the initiator, product contamination may result, or additional 
separation may be required to remove the products formed from the initiator substance.20 It 
is therefore common practice in many autoxidation reactions to use a small amount of the 
oxidised oil of the substrate being oxidized as the initiating substance in order to overcome 
these problems.20 As a result, an oxidised cymene oil which was first concentrated to about 
55% of TCHP by removing some of the unreacted p-cymene was used as initiator. Two 
levels of initiator concentration were studied, namely 0.09 mol/L (or 1% in p-cymene 
substrate) and 0.18 mol/L (in p-cymene) of oxidised cymene oil.  
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Fig. 4.5: Effect of the initiator concentration on (a) p-Cymene conversion, (b) TCHP 
selectivity for the two initiator concentrations. Reaction conditions: Liquid flow 
rate (0.02-0.2 mL/min), 10 bar, 170 oC and 600 x 200 µm reaction plate. 
 
p-Cymene conversions up to about 9% were obtained in the presence of added initiator oil 
(0.09 mol/L) when compared to less than 1% when the p-cymene oxidation was performed 
in the absence of initiator (Table 4.3) under the same FFMSR reaction conditions. The 
results in Fig. 4.5a showed that the deliberate addition of initiator increases the p-cymene 
oxidation rate. For example, a conversion of about 12% is achieved when using 0.18 mol/L 
of the oxidized cymene oil when compared to 9% when using a 0.09 mol/L initiator 
concentration. Interestingly, the concentration level of initiator did not show any significant 
effect on the TCHP selectivity during this comparison.  
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The last process variable investigated for its impact on the oxidation rates of p-cymene in 
the FFMSR was the size of the micro-channels on the reaction plate. It is these 
micrometer-sized channels, arranged in parallel on the reaction plate that provide the high 
surface-to-volume ratios and specific gas/liquid interfacial areas in the FFMSR.4-6 In 
principle, the reduction of the channel size increases the surface-to-volume ratios and 
specific interfacial areas. In the case of the gas/liquid oxidation of p-cymene and other 
hydrocarbons, smaller channel sizes can reasonably be expected to influence both reaction 
rates and reaction selectivity because of the expected improvements of mass transfer of 
oxygen from the gas to liquid phases.7 The three micro-channels reaction plates with 
different channels width and depth but the same length as shown in Table 4.4 were 
evaluated. The calculated values of the reaction plate surface areas and volumes were 
based on the assumption that the size of a single micro-channel is standard, namely 300 x 
100, 600 x 200 and 1200 x 300 µm for the three reaction plates investigated. Any deviation 
from the standard size because of the wet-etching method during micro-fabrication is not 
taken into account.  
 
Table 4.4:  Specifications of different reaction plates 
Plate 
No. 
Channel Surface area 
to volume 
ratios  
(m2/m3) 
Depth 
(µm) 
Width 
(µm) 
Number 
of 
channels 
Length 
(mm) 
Surface 
area (m2) 
Volume 
(m3) 
I 100 300 64 66.4 2.66 x 10-6 1.0 x 10-10 26600 
II 200 600 32 66.4 5.31 x 10-6 7.0 x 10-10 7589 
III 300 1200 16 66.4 9.96 x 10-6 2.3 x 10-9 4167 
 
The effect of decreasing channel size of the reaction plate on conversion and TCHP 
selectivity during the oxidation of p-cymene in the FFMSR is illustrated graphically in Fig. 
4.6.  
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Fig. 4.6: Effect of micro-channel size on (a) p-Cymene conversion and (b) TCHP selectivity.      
 Reaction conditions: flow rate (0.02-0.16 mL/min), 10 bar, 170 oC, and 0.18 mol/L. 
 
The results clearly showed that under identical reaction conditions, the larger channel size 
results in the highest degree of conversion but the lowest selectivity to TCHP at similar 
degrees of conversion. These results are at first glance somewhat surprising as it is contrary 
to the initial expectation that the smaller channel size, hence the larger volume:surface area 
ratio, the better the mass transfer would be, thereby resulting in the better conversion rates.  
 
It has, however, been reported by Yeong et al.15 that different film thicknesses are obtained 
in FFMSR’s for a given liquid feed flow rate when using micro-channel plates with different 
size channels. For their reported results, the wider 1200 x 300 µm channels resulted in the 
smallest thins films for the uncoated plates compared smaller channels.15 This can probably 
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be related to a smaller capillary effect in the wider channels which facilitates “spreading out” 
of the liquid film within the channels. In the narrower channels, capillary effects are more 
likely to be pulled up the sides of channels, resulting in increased surface thicknesses. The 
coating of micro-channels with porous supports such as alumina can result in increased 
liquid film thicknesses; especially for narrower channel widths.15 Another factor that has 
been reported to influence liquid film thickness in a FFMSR is the liquid viscosity, with less 
viscous liquids giving thinner liquid films. Also, higher Reynolds numbers tend to result in 
thinner films as compared to lower Reynolds numbers. Since Reynolds number are 
influenced by the flow rate of the liquid substrate, higher flow rates generally tend to provide 
well-dispersed thin films that take the channel’s shape. In such cases, the occurrence of 
vortices at the channel edges may further improve the contact of reactants.6,12 
 
The differences in the thicknesses of resulting liquid films may have a profound influence on 
the mass transfer rates of gaseous reactants since specific interfacial areas will be reduced, 
and reactants will need to diffuse significant distances from the gas-liquid film boundary 
interphase into the bulk liquid. The impact of channel widths on conversion and yield has 
been demonstrated experimentally in the oxidation reaction of octanal by Vankayala et al.4 
who reported better conversions and yields for reaction plates with 1200 x 300 µm channels 
than for plates containing 600 x 200 µm channels. In the present case, therefore, it is not 
unreasonable to propose that the observed decrease in p-cymene conversion for the 
narrower reaction channels is at least in part related to the factors discussed above. Thus, 
the combination of capillary effects, combined with the effects of the channel coating, the 
low liquid viscosity, and lower flow rates result in affecting upon the mass transfer rate, 
hence the observed conversion. 
 
In addition to the considerations discussed above relating to the observed decrease in p-
cymene conversion with decreasing channel width, another possible reason for the 
observed decrease in conversion with decreasing channel width was raised in personal 
discussions with Prof Holger Lőwe.23 Thus, it is also possible that narrow channel widths 
contribute to the termination of the free radical chain, thereby resulting in the observed 
decrease in conversion.  
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4.3.3 Investigation of non-catalysed oxidation of cumene in the FFMSR  
 
Following the results obtained for non-catalysed oxidation of purified cumene in the absence 
of initiator (Table 4.3), the effect of temperature (130 - 170 oC) on the non-catalysed 
oxidation of cumene was evaluated in the FFMSR, but where small amounts of oxidised 
cumene oil was added as initiator. Fig. 4.7 shows the results obtained for cumene 
conversion and CHP selectivity when the reaction temperature is increased between 130 – 
170 oC in the FFMSR.  
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Fig. 4.7: Effect of FFMSR temperature on: (a) Cumene conversion; and (b) CHP selectivity.                    
 Reaction conditions: Liquid feed flow rate (0.02 mL/min), 10 bar, 0.09 mol/L and  
 600 x  200 µm micro-channels reaction plate. 
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The results obtained in Fig. 4.7a clearly demonstrate the effectiveness of using high 
temperatures in micro-structured reactors to improve oxidation reactions with slow rates. 
When compared to a well-stirred batch reactor for the non-catalysed oxidation of cumene 
(Chapter 2, Fig. 2.21), the micro-structured reactor showed better rates with reduced 
reaction times, thus, productivity space-time yield. Approximately 12% conversion can be 
achieved for the non-catalysed oxidation of cumene in the FFMSR in few seconds reaction 
time under the specific conditions used. It should be noted that the industrial-scale oxidation 
of cumene is achieved in 4-6 bubble-column reactors arranged in series so as to preserve 
the CHP selectivity, which is in the range of 90-95% at 22-25% cumene conversions.21 At 
the achieved 12% conversion, the micro-structured reactor showed on average 92% CHP 
selectivity (Fig. 5.7b), despite the high reaction temperature used. This observation is similar 
to the p-cymene oxidation at high temperature in the FFMSR. As expected, cumene 
autoxidation results in both a higher substrate conversion, and better selectivity towards the 
desired hydroperoxide than in the p-cymene autoxidation process. 
  
The effect of initiator amount on cumene autoxidation rates was also evaluated in the 
FFMSR. In order to investigate the effect of initiator concentration on FFMSR cumene 
oxidation rates, two experiments were performed with 0.09 and 0.18 mol/L cumene oxidised 
oil as initiator. The results for the effect of initiator concentration on cumene autoxidation are 
presented in Fig. 4.8. Similar to the results obtained for the effect of initiator concentration 
during p-cymene oxidation (Fig.4.5), the oxidation and conversion rates of cumene also 
increases with increasing initiator concentration.  
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Fig. 4.8: Effect of initiator concentration on (a) cumene conversion rate and (b) CHP
 selectivity for the two initiator concentrations. Reaction conditions: liquid feed
 flow rate (0.02-0.2  mL/min), 10 bar, 170 oC and 600 x 200 µm micro-channels plate. 
 
Before the results of the catalysed oxidation of p-cymene is discussed, it should be 
mentioned that the results obtained for the non-catalysed oxidations of cumene and p-
cymene already show significant potential in view of the significant improvement in 
productivity with improved selectivity towards the desired hydroperoxide (in the case of p-
cymene). As stated earlier, these results were obtained by using substantially higher 
reaction temperatures than would be desirable for this type of reaction, a situation 
necessitated by the limitation of the FFMSR channel length, which precluded the study of 
reactor residence times at differing channel lengths. Scaling up of such autoxidation 
processes in a continuous flow micro-structured reactor would be relatively simple when 
compared to the conventional scale-up approach, which is both costly and complicated. 
Already the feasibility of scaling up the falling film micro-structured reactor has been 
reported on the pilot plant scale where positive promising results were achieved.7 
 
4.3.3 Catalysed p-cymene autoxidation  
 
One of the key characteristics of wall-coated catalysts in micro-structured reactors 
technology is the efficient usage of the active catalyst. For wall-coated catalyst reactors, the 
reaction takes place in both the bulk fluid and primarily on the coated catalyst inner surfaces 
due to the short diffusion paths. The effect of catalysis on the p-cymene oxidation in a 
FFMSR was investigated by using a coated reaction plate (containing 600 x 200 µm micro-
channels) and using vanadium phosphate catalyst, (VO)2P2O7 as the catalyst. The reaction 
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plate was first coated with -Al2O3 followed by calcination (2 h, 600 oC) and then 
impregnated with (VO)2P2O7 catalyst slurry, followed by further calcination at 550 oC for 4 h. 
Oxidation reactions were carried out in the same manner as described for the non-catalysed 
reactions. Fig. 4.9 compare the oxidation of p-cymene in the FFMSR containing the wall-
coated (VO)2P2O7 catalyst. 
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Fig. 4.9: Comparison of catalysed and non-catalysed p-cymene oxidation in FFMSR, (a)            
 conversion; and (b) TCHP selectivity. Reaction conditions: 0.09 mol/L initiator              
 concentration,10 bar, 170 oC, liquid feed flow rate of 0.02–0.20 mL/min and 600 x            
 200 µm micro-channels plate. 
 
The wall-coated reaction plate showed a significant improvement in the rate of p-cymene 
oxidation when compared to the uncoated plate, especially at lower flow rates where there 
is better contact time of the gas, liquid and solid reactants. For example, the catalysed 
FFMSR oxidation reaction showed a conversion of about 15%, while non-catalysed reaction 
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achieved only about 9% conversion. As observed earlier, the FFMSR used during this study 
had a limited channel length, which precluded the study of reactor residence times 
independently of liquid flow rates. As a result, the variation in maximum substrate 
conversions was also limited so that the effect of micro-structuring on the reaction 
selectivity, especially towards higher conversions, could not be investigated in any detail. 
For example, when using the (VO)2P2O7 catalyst coated onto a stainless steel plate in a 
well-stirred batch reactor, conversions up to 40% could be achieved, since adequate 
residence time could be allowed for. In the FFMSR, the contact of the three-phase 
(gas/liquid/solid) mixture was limited to only few seconds. Thus, while it is clear that 
sufficient productivity rates (rates of substrate conversion) can be achieved in the FFMSR, it 
is not clear whether the FFMSR offers sufficient selectivity advantages at substrate 
conversion levels at or (preferably) above current industrial practice. 
 
4.3.4 FFMSR oxidation kinetics 
 
In order to obtain a more detailed indication of the effect of micro-structuring on the 
oxidation of hydrocarbons such as cumene and p-cymene, it was decided to do a 
comparison of the values of the kinetic rate constants achieved for a traditional (well-stirred 
batch/bubble column) reactor and the FFMSR. For the first comparison, the kinetic rate 
constants for the autoxidation of cumene in a bubble-column reactor as reported previously 
by Bhattacharya et al.22 were used to predict conversions for the autoxidation of cumene at 
a reactor residence time of nineteen seconds at various reaction temperatures. These 
predicted values were compared to the observed conversions of cumene in the FFMSR at 
various reaction temperatures in.  
 
The detailed discussion of the cumene kinetic model has been presented in Chapter 2 
(2.3.2.3).  Using the data reported by Bhattacharya et al.22, the values of K and k1 was 
estimated at various reaction temperatures (Table 4.5). These values were used to 
calculate the estimated cumene conversions at 19 seconds (FFMR reactor residence time) 
for each of the reaction temperatures indicated a typical well-stirred batch reactor.  
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Table 4.5:  Comparison of cumene conversion in traditional reactor (predicted) and FFMSR 
 (Observed) 
T (K) k1 K a Cumene Conversion 
(Observed) (%) 
b Cumene Conversion 
(Predicted) (%) 
403 1.25 0.222 2.40 0.021 
413 1.46 0.405 3.85 0.037 
423 1.70 0.720 7.10 0.066 
433 1.96 1.244 9.70 0.114 
a Observed FFMSR results 
b Observed model predicted results for batch reactor 
 
A comparison of the observed cumene conversions in the FFMSR and the predicted 
cumene conversions for a traditional bubble column reactor are shown in Fig. 4.10.  
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Fig. 4.10: Comparison of observed experimental FFMSR cumene conversion and predicted  
 cumene conversion in a bubble column reactor for the results in Table 4.6.  
 
Table 4.6:  Comparison of p-cymene conversion in traditional reactor (predicted) and FFMSR 
                   (Observed) 
T (K) k1 
 
K a Cymene Conversion 
(Observed) (%) 
b Cymene Conversion 
(Predicted) (%) 
403 1.25 0.083 0.75 0.008 
413 1.46 0.096 3.11 0.009 
423 1.70 0.110 5.32 0.011 
433 1.96 0.125 7.22 0.012 
a Observed FFMSR results 
b Observed model predicted results for batch reactor 
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Fig. 4.11: Comparison of observed FFMSR p-cymene conversion and predicted p-cymene   
 conversion in a bubble column reactor. 
 
The comparisons above show a significant difference between the results obtained for the 
oxidation of cumene and p-cymene in the FFMSR and a traditional oxidation reactor such 
as the bubble column reactor. While the increase in gas:liquid interfacial area for the 
FFMSR is probably the main cause of the increased reaction rates, the use of pure oxygen 
in the FFMSR as opposed to air will certainly also play a significant role.23  
 
 4.3.5          Comments on studied oxidizations in the FFMSR 
 
In the present work, the expectation that slow, mass transfer limited reactions such as the 
autoxidation of p-cymene and cumene, can be successfully performed in a continuous flow 
micro-structured falling film reactor was substantially confirmed. The motivation was to 
improve the slow oxidation rates observed in a well-stirred batch reactor oxidations through 
the concept of process intensification using micro-reaction engineering technology.  
 
Since autoxidation reactions are highly exothermic, selectivity is often a strong function of 
temperature. Not only is temperature gradients significantly reduced in a continuous flow 
micro-structured reactor as compared to traditional reactor systems, but reactor residence 
times are significantly reduced. This is especially important for reaction systems, such as 
autoxidation reactions, where there are many consecutive by-product formation reactions 
that involves the reaction product of interest. Thus, the combination of accurate temperature 
control and reactor residence time reduction will influence selectivity significantly. In 
addition, the oxygen absorption rate, as well as the very short diffusion lengths into the bulk 
of the liquid in the FFMSR as opposed to a bubble column/well-stirred reactor, can also 
impact reaction selectivity significantly in these autoxidation reactions. This is a direct result 
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of the free-radical nature of these reactions. Where free-radicals can be trapped efficiently 
by di-oxygen, relatively little radical-radical reactions will occur. Radical-radical reactions are 
often observed where there is a deficiency of di-oxygen, e.g. towards the top of bubble 
column reactors. As a result, micro-structured reactors may offer significant advantages in 
terms of improved reaction selectivity due to improved heat management and improved 
gas/liquid mass transfer. 
 
In gas/liquid micro-structured reactors such as falling film reactors, the flow of the liquid 
phase inside the channels is mainly laminar with low Reynolds numbers. The mixing of 
the oxygen and the liquid substrate is by molecular diffusion. In this context, the flow rate 
of the liquid reactant will be critical as has been indicated by results obtained during this 
work. For example, an increase of the liquid film thickness with increasing liquid flow rate 
would lead to a decrease in the specific volume to surface interfacial area as well as a 
longer diffusion path for the oxygen gas to the bulk liquid. Coupled with the concomitant 
decrease in reactor residence time with increasing flow rates, both productivity and 
selectivity will be affected. On the other hand, wider reaction channels and low liquid flow 
rates result in thinner film thicknesses, hence large interfacial surface areas that will 
improve the oxygen absorption rate at gas/liquid interface. The results obtained for 
different liquid feed flow rates showed that low flow rates provide better contact time of the 
liquid and gas reactants and the solid wall-coated catalyst, thus resulting in improved 
substrate conversions. Inversely, at high feed flow rates there is a decrease in p-cymene 
conversion. It is therefore clear that when the flow rate changes, a number of other 
parameters, such as film thickness, flow patterns and specific interfacial area, are all 
simultaneously affected either leading to an increase or decrease of conversion and 
selectivity. In the present work it was no possible to study these parameters in detail, 
particularly since it was not possible to decouple flow rate and reactor residence time. It 
should, however, be clear that detailed information on the film thickness and flow pattern 
would help to understand the process behaviour for proper optimization better. Such 
influence of the liquid feed flow rate on the film thickness, specific interfacial area and 
oxygen absorption rate has been studied previously.15,16,17 It is not surprising that the 
present FFMSR results showed increasing conversion at long residence times (i.e. low 
flow rates) where film thickness is the smallest and the specific interfacial area is 
increased. 
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4.4          Concluding remarks 
 
The feasibility of performing typical gas/liquid mass transfer limited reactions with slow rates 
such as the p-cymene liquid phase oxidation in a continuous flow FFMSR was successfully 
demonstrated. The results obtained clearly illustrated that reactions such as p-cymene 
oxidations can be carried out in a FFMSR despite the relatively slow reaction kinetics of 
such oxidations under traditional industrial conditions. This is achieved by intensifying the 
reaction conditions (high temperature, increased surface area: volume ratios and using pure 
oxygen in place of air as oxidant), coupled with a severe restriction on the reactor residence 
(from hours to seconds). The restriction of the reactor residence time allows working at 
temperatures far above what is commonly accepted as “optimum” for these types of 
oxidations. However, lowering the reaction temperature (and possibly increasing the reactor 
residence time) may be highly beneficial from a hydroperoxide selectivity point of view. The 
oxidation rates in the FFMSR are significantly higher than in the traditional well-stirred batch 
reactor because of the combination of factors such as high reaction temperature, increased 
volume: surface area rations, gas to liquid mass transfer, etc., with the result that 
productivity space-time yields are much improved.  At the same reactor residence time, 
reactants concentration and reaction temperature, an approximate 10% conversion were 
achieved in the FFMSR for p-cymene oxidation compared to less than 0.1% as predicted by 
the kinetic model in a conventional bubble column reactor. 
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CHAPTER 5 
 
 
Summary and conclusion 
 
 
 
The work described in this thesis was part of a major research and development project 
within InnoVenton: NMMU Institute of Chemical Technology in collaboration with Sasol 
involving the development of alternative chemical technologies in so-called “Small 
Production Platforms” (SPP’s). In particular, the project was intended to evaluate a 
continuous flow falling film micro-structured reactor at lab-scale for the liquid-phase 
oxidation of p-cymene. In addition, the evaluation of a catalyst, coated onto the reactor wall 
containing micro-channels was also of interest. The research hypothesis to be tested was 
formulated as follows: “Reaction intensification through micro-structuring will significantly 
increase the space-time yield and selectivity of the liquid-phase oxidation of p-cymene when 
using oxygen as oxidant”. In order to be able to test the above hypothesis, a number 
baseline studies were required in order to allow direct comparison with traditional reactor 
technologies commonly used in practice. These included: (1) Evaluation of the reaction 
using a well-stirred batch reactor; (2) Investigation of catalyst preparation methods and 
activation conditions to ensure that the correct vanadium pyrophosphate catalyst phase, 
(VO)2P2O7 is obtained when supporting the catalyst on the reactor wall; (3) 
Characterisation and evaluation of the catalyst structure so that its behaviour during liquid-
phase oxidations (with specific reference to long-term stability) could be studied; (4) 
Evaluation of the supported catalyst (on an oxide support (-Al2O3)), both as a “free” 
supported catalyst, as well as bounded onto a stainless steel plate (to evaluate potential 
applicability in a micro-structured reactor); and (5) Evaluation of the oxidation process 
parameters using a micro-structured reactor system. The main findings of this work is briefly 
summarised below. 
 
5.1 Preparation and activation of VPO catalysts  
 
Two precursors, VOHPO4·0.5H2O and VO(H2PO4)2 were chosen to investigate the 
changes in phase composition behaviour to their respective activated (VO)2P2O7 and 
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VO(PO3)2 catalyst phases. Various characterization techniques were used to study the 
temperature dependent structural changes during activation, including in-situ XRD and 
TGA-MS. The in-situ XRD analysis showed that the VO(H2PO4)2 form mainly an amorphous 
phase at temperatures up to 600 oC. while above 650 to 750 oC, a stable VO(PO3)2 phase 
was obtained. The in-situ XRD studies of the (VO)2P2O7 phase derived from 
VOHPO4∙0.5H2O showed an increase in crystallinity with increasing temperature from 400 
to 750 oC. No VOPO4 phase formation was observed in the activated (VO)2P2O7 catalyst, 
even at high temperature under the in-situ XRD activation conditions.  
 
The catalytic activities of the two catalysts during the liquid-phase oxidation of p-cymene 
were evaluated in some detail. Of particular interest was the activity of the VO(PO3)2 catalyst 
phase prepared from the VO(H2PO4)2 precursor since it has been reported previously in the 
literature that its presence in the VOHPO4·0.5H2O precursor influences the catalytic 
performance of the (VO)2P2O7 catalyst during gas-phase oxidations. It was therefore 
important to know if its presence in the activated (VO)2P2O7 catalyst would affect the 
catalyst performance during the liquid-phase oxidation p-cymene before attempting the 
support of the (VO)2P2O7 catalyst onto a flat stainless steel plate in order to study the long-
term catalyst performance. Both catalysts, (VO)2P2O7 and VO(PO3)2 showed high catalytic 
performance with conversions of up to 40% achieved within 4 h. Typical selectivity towards 
the tertiary cymene hydroperoxide (TCHP) varied between 75-80% during these oxidations. 
These results were significantly better than typical results reported for the non-catalysed 
oxidation processes that takes about 8-12 h, and gives TCHP selectivities between 65 – 
70%.  
 
5.2 Reaction kinetics 
 
Autoxidation and catalytic oxidation reactions of hydrocarbons have complicated reaction 
kinetic schemes. The approach for the kinetic modelling of the p-cymene process during 
this work was to makethe simplifying assumption that the kinetic model would be similar to 
that of the non-catalysed cumene oxidation model, and that any differences introduced as 
a result of the additional active site, as well as the influence of the catalyst, would be 
reflected in the overall rate constant (as defined previously for cumene). Overall rate 
constants for the p-cymene oxidation were estimated using the method of least squares at 
various reaction temperatures and the K-values so obtained used to predicted p-cymene 
and TCHP concentrations at various reaction times. The results obtained showed that this 
approach by using the literature reported model for cumene as basis, give reasonably 
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good correspondence between actual and predicted experimental observations for p-
cymene consumption and p-cymene hydroperoxide formation. The estimated K-value for 
p-cymene oxidation in the presence of the (VO)2P2O7 catalyst were found to be 0.071, 
which compares well with previously reported K-values of 0.083 and 0.093 for cumene 
oxidation. The estimated K values at different reaction temperatures also showed typical 
Arrhenius behaviour, which allows estimation of p-cymene consumption and p-cymene 
hydroperoxide formation values at different reaction temperatures. 
 
5.3 Stability, activity, deactivation of stainless steel coated VPO catalyst   
 
The (VO)2P2O7 catalyst was successfully supported onto a stainless steel plate, which 
was initially coated with -Al2O3 using the washcoat method, in order to able to investigate 
the long-term performance of the catalyst in a traditional batch reactor. The stainless steel 
coated catalyst showed comparable rates and selectivities to the “free powder catalyst” 
((VO)2P2O7 supported on -Al2O3 but not bound to a solid surface). The stainless steel 
coated catalyst, however, displayed a slow yet a significant deactivation with time on-
stream (250 h) while the TCHP selectivity remained stable around 80-85%. 
Characterization of the aged catalysts in the batch reactor experiments by powder XRD 
and SEM revealed that the structure of (VO)2P2O7 catalyst transformed back to its 
precursor phase, VOHPO4∙0.5H2O under p-cymene liquid-phase oxidation reaction 
conditions with increasing exposure time. On the other hand, the structure of the activated 
VO(PO3)2 catalyst from the VO(H2PO4)2 precursor phase remained unchanged after 75 h 
exposure to p-cymene oxidation reaction conditions.  
 
TGA-MS analysis of the same used catalyst sample showed the loss of higher mass 
fragments (m/z) with increasing temperature, indicating the presence of adsorbed species 
in the catalyst structure. ICP analysis of the residue sample of the filtrate solution obtained 
after recovery of the “powder free” unsupported (VO)2P2O7 catalyst in the p-cymene 
oxidation mixture showed no detectable amount of the vanadium metal species, however, 
only small amounts of aluminium (<0.10 ppm) was detected for the filtrate solution 
obtained from the stainless steel alumina coated catalyst. This indicated that the observed 
deactivation is not because of vanadium metal leaching, but the observed structural 
changes and adsorbed polar compounds on the catalyst surface, which may block the 
active catalyst pore sites. 
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 5.4  Oxidation of p-cymene in a falling film micro-structured reactor 
 
The feasibility of performing typical gas/liquid mass transfer limited reactions with slow rates 
such as the p-cymene liquid phase oxidation in a continuous flow FFMSR was successfully 
demonstrated. The results obtained clearly illustrated that reactions such as p-cymene 
oxidations can be carried out in a FFMSR despite the relatively slow reaction kinetics of 
such oxidations under traditional industrial conditions. This is possible by intensifying the 
reaction conditions (high temperature, increased surface area: volume ratios, and using 
pure oxygen in place of air as oxidant), coupled with a severe restriction on the reactor 
residence time (from hours to seconds). The oxidation rates in the FFMSR are significantly 
higher than in the traditional well-stirred batch reactor as a result of the combination of 
factors such as high reaction temperature, increased volume : surface area rations, gas to 
liquid mass transfer, etc., with the result that productivity space-time yields are much 
improved.  At the same reactor residence time, reactants concentration and reaction 
temperature, an approximate 10% conversion were achieved in the FFMSR for p-cymene 
oxidation compared to less than 0.1% as predicted by the kinetic model in a conventional 
bubble column or well-stirred batch reactor. 
 
5.5  Recommendations and outlook 
 
Although the current version of FFMSR used in this thesis showed promising results and 
resulted in a significant understanding of the main issues during such oxidations, much 
work remains before industrial application could be considered. Thus, mastering of the 
catalyst coating procedure to give optimal catalyst performance, interpretation and 
understanding of different falling film liquid properties (including flow properties, mass 
transfer coefficient, film thickness, and specific interfacial areas) will be important in order 
to develop optimised processes in these types of reactors for in multiphase gas/liquid/solid 
oxidation processes. The following are some of the main recommendations for future 
continuation of the current work involving the use of micro-structured reactors for such 
oxidation reactions:  
 
 The first recommendation relates to the study of reactor residence time independently of 
reactant flow rate. This has been a major restriction during this study which precluded 
the study of several key issues, including:  
o Using slightly milder reaction conditions, especially lower reaction temperatures, 
whilst still maintaining reasonable levels of substrate conversion. As a result, the 
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true capabilities of a micro-structured FFMSR in terms of improving reaction 
selectivity is still unclear. 
o Studying the effect of reactant flow rate, hence film thickness, on both 
conversion and selectivity. 
 
The second recommendation relates to the nature of the catalyst. The results of this study 
clearly showed that the (VO)2P2O7 catalyst reverts back to its precursor phase during the 
liquid-phase oxidation with an accompanying decrease in activity. On the other hand, the  
VO(PO3)2 catalyst was shown to be stable, albeit of lower activity and selectivity. It is, 
however, preferable to have a stable catalyst for which the reactor and process can be 
optimised. It is therefore recommended that the VO(PO3)2 catalyst be studied in greater 
detail as wall-coated catalyst for these types of reactions.  
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APPENDIX 
 
 
 
 
Appendix A:  
 
1. Materials and reagents used 
 
All material used in the oxidation process, including their suppliers and respective grades, 
are listed in Tables A1. 
 
Table A1: Inorganic and organic reagents for synthesis and GC analysis 
Chemical Name Formula Supplier Grade 
p-Cymene CH3C6H4CH(CH3)2 Aldrich CP 
Methanol CH3OH Aldrich CP 
tert-Butyl hydroperoxide (CH3)2CHC6H4CHO Aldrich CP 
p-Methylacetophenone CH3C6H4COCH3 Aldrich CP 
p-Isopropyl benzoic acid (CH3)2CHC6H4CO2H Aldrich CP 
p-Cresol CH3C6H4OH Aldrich CP 
Isobutanol (CH3)2CHCH2OH Saarchem CP 
Acetic acid CH3COOH ACE CP 
p-Isopropyl benzyl alcohol (CH3)2CHC6H4CH2OH Aldrich CP 
p-Isopropylbenzylaldehdye (CH3)2CHC6H4CHO Aldrich CP 
Vanadium pentoxide V2O5 Saarchem CP 
Orthophosphoric acid (85%) H3PO4 Aldrich CP 
Triphenylphosphine oxide Na2S2O3 ACE AR 
Sodium hydroxide NaOH Aldrich AR 
-Alumina -Al2O3 Alfa Aesar CP 
Poly (vinyl) alcohol  Aldrich CP 
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Appendix B: 
 
2. GC analysis calculations 
 
The calculation of substrates and product mol percentages were done by using reported 
methods. The substrates and product peak areas (PAi) were calculated by the GC flame 
ionization detector (FID) signal integrator. A peak area represents the integral of the 
intensity of the FID signal of a peak over time. Therefore, the peak area is a measure of the 
amount carbon eluted with a peak and also of the intensity of carbon atom ionization with 
the particular component. The intensity of the FID signal is dependent on the nature of 
atoms bonded to a carbon atom, as each carbon atom will give a different intensity 
depending on its environment (e.g. C-C and C-H gives equal signal intensity, while C-O 
gives different lower signal intensity). 
 
As a result, the intensity of the FID signal need to be corrected for the carbon atoms bound 
to oxygen atoms in the respective component. The average response factor (fi) for a 
particular species considers the different response in the FID of a carbon atom in the 
molecule that is bound to oxygen atoms. For example, the response of a carbon atom when 
only bonded to carbon or hydrogen equals 1, but a carbon atom with a single bond to an 
oxygen atom has been determined experimentally to only have a response of 0.55 and 
carbon atoms double bonded to oxygen give a response of 0. Response factors, fi, for 
molecule were calculated on this basis. Peak areas of oxygen compounds must be 
multiplied by these factors to obtain a “corrected peak area”, which is proportional to the 
amount of carbon eluted with that particular peak. 
 
The response factors were calculated by using the following formula: 
 


compound) in atoms carbon different for factors response l(Individua
compound particular of atoms carbon of number total
  Rf  
 
Where Rf is the response factor of a particular compound. 
 
This response factor is used to calculate corrected peak area (CPAi) by multiplying with 
peak area (PAi) as obtained from the GC trace of the particular compound according to the 
following formula: 
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RfPA x  CPA   
 
For the molar basis of particular compound, the corrected peak areas (CPAi) were 
converted into mol proportional values (PAMi). PAMi is the corrected peak area for a 
particular compound over the number of carbon atoms in the molecule. Mol proportional 
values was calculated by the following formula: 
 
compound particular in atoms carbon of number
CPA
  PAM   
 
The conversion of p-cymene, for example, is calculated from the sum of the mol 
proportional values (PAMi) of all the components in the mixture as follows:  
 


 n
i i
PAM
cymenepPAM
1cymenepX  
 
The molar selectivity of a product is calculated by dividing its mol proportional value (PAMi) 
by the sum of the mol proportional values of all p-cymene oxidation products as follows: 
 
cymene-pX
 AproductY
cymenepPAM
n
i i
PAM
 AproductPAM
 AproductS 








 
 
The molar yield of a product is calculated by dividing its mol proportional value ((PAMi) by 
the sum of the mol proportional values   iPAM  of all the cymene oxidation components 
(reactant and products). 

 n
i i
PAM
 AproductPAM
 AproductY  
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Appendix C: 
 
Table A2: Reactor specifications of the falling film micro-structured reactor 
Parts description       Specification 
Outer dimensions without connectors 120 mm x 76 mm x 40 mm 
Maximum operating pressure stability 10 bar 
Maximum operating temperature stability Up to 180 oC 
Microchannels of reaction plates 64 Channels 300 x 100 µm 
 32 Channels 600 x 200 µm 
 12 Channels 1200 x 300 µm 
Channel length (exposed to stream of gas) 66.4 mm (or 6.6 cm) 
Volume of the reaction chamber Approximately 12700 mm3 
Cross sectional area in middle of the reaction 
chamber Approximately 12700 mm3 
Cross sectional area of the gas inlet boring Approximately 7 mm3 
Typical gas flow rate 0.5 L h-1 up to 8 L h-1 
Maximum liquid flow rate (300 x 100 µm) 50 mL h-1 (or 0.83 mL min-1) 
Maximum liquid flow rate (600 x 200 µm) 500 mL h-1 (or 8.33 mL min-1) 
Maximum liquid flow rate (1200 x 300 µm) 1.5 mL h-1 (25 mL min-1) 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
  
